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Requirements for the Degree of Doctor of Philosophy
FORCED CONVECTION FLOW BOILING AND TWO-PHASE FLOW PHENOMENA IN A
MICROCHANNEL
By
Yun Whan Na
December 2008
Chair: Jacob N. Chung
Major: Mechanical Engineering
The present study was performed to numerically analyze the evaporation phenomena
through the liquid-vapor interface and to investigate bubble dynamics and heat transfer behavior
during forced convective flow boiling in a microchannel. Flow instabilities of two-phase flow
boiling in a microchannel were studied as well. The main objective of this research is to
investigate the fundamental mechanisms of two-phase flow boiling in a microchannel and
provide predictive tools to design thermal management systems, for example, microchannel heat
sinks. The numerical results obtained from this study were qualitatively and quantitatively
compared with experimental results in the open literature.
Physical and mathematical models, accounting for evaporating phenomena through the
liquid-vapor interface in a microchannel at constant heat flux and constant wall temperature,
have been developed, respectively. The heat transfer mechanism is affected by the dominant heat
conduction through the thin liquid film and vaporization at the liquid-vapor interface. The
thickness of the liquid film and the pressure of the liquid and vapor phases were simultaneously
solved by the governing differential equations. The developed semi-analytical evaporation model
that takes into account of the interfacial phenomena and surface tension effects was used to
obtain solutions numerically using the fourth-order Runge-Kutta method. The effects of heat flux
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and wall temperature on the liquid film were evaluated. The obtained pressure drops in a
microchannel were qualitatively consistent with the experimental results of Qu and Mudawar
(2004).
Forced convective flow boiling in a single microchannel with different channel heights
was studied through a numerical simulation to investigate bubble dynamics, flow patterns, and
heat transfer. The momentum and energy equations were solved using the finite volume method
while the liquid-vapor interface of a bubble is captured using the VOF (Volume of Fluid)
technique. The effects of different constant heat fluxes and different channel heights on the
boiling mechanisms were investigated. The effects of liquid velocity on the bubble departure
diameter were analyzed. The obtained results showed that the wall superheats at the position of
nucleate boiling are relatively independent of the mass flow rates at the same channel height. The
obtained results, however, showed that the heat flux at the onset of nucleate boiling strongly
depends on the channel height. With a decrease of the channel height and an increase of the
liquid velocity at the channel inlet, the departure diameter of a bubble was smaller. The periodic
flow patterns, such as the bubbly flow, elongated slug flow, and churn flow were observed in the
microchannel. Flow instabilities of two-phase flow boiling in a trapezoidal microchannel using a
three-dimensional model were investigated. Fluctuation behaviors of flow boiling parameters
such as wall temperature and inlet pressure caused by periodic flow patterns were studied at
different heat fluxes and mass fluxes. The numerical results showed large amplitude and short
period oscillations for wall temperature and inlet pressure fluctuations. Stable and unstable flow
boiling regime with short period oscillations were investigated. Those flow boiling regimes were
not listed in stable and unstable boiling regime map proposed by Wang et al. (2007).
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CHAPTER 1
INTRODUCTION
As the technologies of electronic systems have developed in the last two decades, the size
of the devices becomes smaller and some of them require dissipating high heat fluxes (up to 300
W/cm2). The recently hottest issues of thermal management in electronic systems are to maintain
high device performance and reliability. The cooling device for high-power-density electronic
systems needs the very large heat dissipation from small areas, and mini-/micro-dimensions in
recent years. It is necessary to develop new methods for distributing and removing heat from
high-power-density of electronic devices. The surface area to volume ratio increases as the
diameter of a channel from macroscale to microscale (up to 10 µm) decreases. Thus, with very
high heat transfer coefficients, microchannels having a hydraulic diameter less than the Laplace
constant, σ g ( ρl − ρv ) , are well suited for electronic cooling systems requiring for removing
higher heat fluxes. Figure 1-1 shows a schematic of microchannel heat sinks for dissipating a
high heat flux. Microchannel heat sinks comprise numerous parallel microchannels. The
microchannel heat sinks dissipate the heat generated from a heat source by heat conduction and
remove it by forced convection of bulk liquids flowing through the microchannels.
Microchannel cooling systems using single-phase flow have been extensively studied in
the past years (Tuckerman and Pease, 1981; Philips, 1990; Peng et al., 1994; Fedorov and
Viskanta, 2000; Wu and Cheng, 2003a and 2003b; Li et al., 2004; Lee and Garimella, 2006).
Tuckerman and Pease first proposed electronic cooling systems using microchannel heat sinks
having a width of 50 µm and a depth of 302 µm and separated by fins with a width of 50 µm.
Fluid flow and heat transfer model for microchannel heat sinks using single-phase flow were
investigated by Philips (1990). He pointed out that microchannel heat sinks increase significantly
thermal performance. It was found that thermal resistance as low as 0.1 °C/(W/cm2) and
20

pumping power requirement less than 10 W/cm2 can be obtained when using microchannel heat
sinks as well. The detailed studies on fluid flow and thermal transport phenomena of singlephase microchannels can be found in review papers (Sobhan and Garimella, 2001; Garimella and
Sobhan, 2003; Agostini et al., 2007).
Due to higher heat removal capabilities, on the other hand, the theoretical and experimental
studies of two-phase flow boiling in microchannels have been investigated by a number of
researchers in late years as a prime application for thermal management of next generation highpower-density commercial and defense electronic devices. Garimella and Sobhan (2003)
reviewed the recent results of theoretical and experimental studies on fluid flow and heat transfer
in microchannels and microtubes. Thome (2006) provided the comprehensive review of boiling
and two-phase flow including boiling phenomena and flow instabilities in microchannels.
However, transport phenomena including flow instabilities of two-phase flow boiling in
microchannels have not been sufficiently understood due to different characteristics comparable
to flow boiling in macroscales. Therefore, proper understanding and predictive tools of fluid
flow and heat transfer in microchannels are essential for their design and safe operation.
This research works focused on three topics for two-phase flow boiling in a microchannel.
First, a semi-analytical model of elongated slug bubble flow has been developed to provide the
fundamental understanding of transport phenomena of two-phase flow boiling in a microchannel.
Second, fluid flow near a vapor bubble, onset of nucleate boiling, and flow boiling in the
microchannel have been investigated to analyze bubble dynamics under various channel heights
and flow boiling conditions. Finally, two-phase flow instabilities occurred during a flow boiling
process in a microchannel have been numerically studied to analyze stable and unstable flow
boiling regimes at different heat fluxes and mass fluxes.
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1.1 Research Background
With the rapid development of microelectromechanical system (MEMS) technology in the
past decades, microchannels are widely used in miniature heat exchangers, nuclear reactors,
cooling devices in high-power electronic systems, micro-chemical reactors, biotechnology
systems, and heat rejection systems of a spacecraft. The cooling method using single- or twophase flows is extensively used for the thermal management of high-power-density electronic
systems to dissipate higher heat fluxes in recent years. The cooling system using single-phase
flow has significantly progressed in recent years (Zhang et al., 2005; Gernert et al., 2005). It
utilizes the sensible heat exchange to remove heat leading to increasing the bulk liquid
temperature in microchannels. The single-phase cooling method has several disadvantages as
follows:
•

To reduce the increased bulk liquid temperature in and surface temperature of
microchannel heat sinks requires more mass flow rates. Higher pumping power may be
needed due to the increased mass flow rate.

•

Surface temperature drastically increases along the stream-wise direction due to heat
dissipation from a heated surface. The high surface temperature seriously affects device
materials. It causes the performance and reliability of electronic devices to deteriorate.

•

Pressure drops may largely increase due to the frictional force caused by the liquid velocity
increased to maintain appropriate cooling effects.
The cooling system using two-phase flow boiling dissipates higher heat by the latent heat

of vaporization rather than the sensible heat exchange. It has several advantages as follows:
•

Mass flow rate can be reduced because liquids in microchannels are mostly consumed by
the latent heat of vaporization rather than sensible heat. It causes pumping power to
decrease.

•

Due to phase change from liquid to vapor while boiling initiates, uniform surface
temperature can be obtained. It may provide much better performance and reliability of
electronic devices.
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•

Heat transfer coefficients of two-phase flow boiling are much higher than those of singlephase flow as shown in Figure 1-2. Heat is efficiently removed from local hot spots due to
the higher heat transfer coefficients as well.
Although the cooling technique using the latent heat of vaporization rather than using the

sensible heat is efficiently applicable to microelectronic devices requiring higher heat removal,
the cooling method using two-phase flow boiling has disadvantages such as large pressure drops,
two-phase flow instabilities causing severe pressure drop and wall temperature fluctuations
causing mechanical damage, and reverse flow caused by rapid vapor bubble generation, growth
and expansion in microchannels as shown in Figure 1-3.
The heat transfer mechanism of two-phase flow boiling in microchannels, such as flow
regimes, flow patterns, pressure drops, flow boiling heat transfer, and flow instabilities has been
extensively studied by a number of researchers in the recent years (Qu et al., 2004; Revellin et
al., 2006; Wang et al., 2007; Huh et al., 2007). Transport phenomena of flow boiling have not
been fully understood due to complex behavior of vapor bubbles when boiling in microchannels
initiates. No optimum methodology has been still developed to explain the transport phenomena
of two-phase flow boiling in microchannels. Thus, alternative predictive methods for
understanding the physical phenomena of two-phase flow boiling in microchannel are required to
provide a better design tool and safe operation.
1.2 Research Objectives
The physical phenomena of two-phase flow boiling in microchannels should be entirely
understood to be applied to microscale devices. Furthermore, the predictive tools for flow boiling
in a microchannel are quite limited. To contribute the prediction of two-phase flow boiling in a
microchannel, two main mechanisms for two-phase flow boiling are numerically investigated:
heat transfer through the liquid-vapor interface and bubble dynamics such as nucleate boiling,
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bubble growth and departure. Flow instabilities leading to mechanical failure and an operating
problem are numerically studied under certain operating conditions as well.
Through this research works, the following objectives are achieved:
•

Understanding the boiling transport phenomena of fluid flow and heat transfer in a
microchannel.

•

Developing the predictive tool of pressure drop and heat transfer for two-phase flow
boiling.

•

Investigating bubble dynamics such as bubble generation, departure, and onset of nucleate
boiling on a heated surface to provide better understanding of two-phase flow boiling in a
microchannel.

•

Identifying stable and unstable boiling regimes in a trapezoidal microchannel under
various heat fluxes and mass fluxes.
1.3 Organization of the Dissertation
Current study focuses on the numerical simulation of two-phase flow boiling to investigate

heat transfer phenomena at the liquid-vapor interface, bubble dynamics, and flow instabilities in
a microchannel. This dissertation is organized as follows:
Chapter 1 provides an introduction and research objectives to the current work.
Chapter 2 introduces the background of two-phase flow boiling and heat transfer in
minichannels and microchannels. Previous experimental and numerical results for two-phase
flow are briefly reviewed and qualitatively assessed.
Chapter 3 explains the mathematical model of heat transfer mechanism through the liquidvapor interface in detail. The governing equation, boundary conditions, and solution procedure
are described. The numerical results of constant wall temperature and constant heat flux are
given as well. The pressure drops predicted by numerical results and experimental results are
qualitatively and quantitatively evaluated.
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Chapter 4 describes the computational simulation method of two-phase flow boiling to
investigate bubble dynamics and heat transfer in a microchannel. Two-dimensional numerical
simulations are carried out using a finite volume technique for solving the momentum and
energy equations while the liquid-vapor moving interface is tracked by the volume of fluid
(VOF) method. The effect of channel heights on vapor bubble and periodic flow boiling are
discussed.
Chapter 5 presents flow instabilities of two-phase flow boiling in a trapezoidal
microchannel under several operating conditions. Three-dimensional computational simulations
are carried out using transient two-phase flow boiling model incorporated with mass transfer and
phase change. Wall temperature and inlet pressure oscillations are described. To validate the
numerical results, the results obtained from the simulation are compared with the experimental
data in open literature. Stable and unstable boiling regimes are identified as well.
Chapter 6 summarizes the results obtained from the current studies and provides some
recommendations for future studies.
Appendix A describes derivations of film thickness and equilibrium non-evaporating film
thickness. Appendix B gives more detailed liquid temperature and interface temperature.
Appendix C describes Nusselt number for a three-side heated rectangular channel and heat
transfer coefficient correlation of flow boiling in microchannels.
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Figure 1-1. Microchannel heat sinks.

Figure 1-2. Heat transfer coefficient variations for natural convection, single-phase and twophase forced convection for different coolants (Mudawar, 2000).
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Figure 1-3. Vapor reverse flow occurred in parallel microchannels.
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CHAPTER 2
BACKGROUND AND LITERATURE REVIEW
Fluid flow and heat transport phenomena in microchannels are significantly different from
those in the macrochannels. First, flow boiling with energy transfer and momentum exchange
through the liquid-vapor interface is important in the microscale. Second, the surface tension
force plays a significant role in microchannels due to the relative much smaller gravitational
force and thus the gravitational force in microchannels may be neglected. This effect dominantly
affects the liquid thin film and controls the heat transfer mechanisms. The flow pattern such as
bubbly-slug flow observed in the microchannels is mainly affected by the surface tension. Flow
regimes and flow patterns are of important characteristics of two-phase flow boiling. They are
essential to the development of reliable predictive tools for transport phenomena such as pressure
drop, heat transfer, and flow stability in microchannel heat sinks using the phase-change of
liquids.
Although numerous researches for two-phase flow boiling in microchannels have been
studied during the past several decades, the fundamental understanding of fluid flow and heat
transfer characteristics in the microscale has been very limited. In this chapter, the previous
works including two-phase flow boiling, two-phase flow pattern and flow regime maps,
interfacial phenomena, pressure drop model, and numerical simulation for flow boiling in macroand micro-scale are reviewed. The current study in microchannel flow boiling is highlighted as
well.
2.1 Two-Phase Flow Pattern
2.1.1 Flow Patterns in Horizontal Tubes
The understanding of two-phase flow patterns in horizontal tubes provides the information
of pressure drop and heat transfer phenomena. Dryout can be occurred because most liquids may
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change into vapor bubbles while boiling takes place in macrochannels. It leads to drastically
increasing surface temperature and then causes heat transfer to significantly decrease. Therefore,
the condition at which dryout or critical heat flux (CHF) occurs can be investigated by studying
the flow patterns in flow boiling systems.
Baker (1954) investigated early flow pattern maps for oil-gas flow in macrochannels. The
generalized flow pattern maps for gas-liquid flow in horizontal pipes were investigated by
Mandhane et al. (1974). They proposed various flow patterns: dispersed flow, bubble and
elongated bubble flow, stratified flow, wave flow, slug flow, and annular and annular mist flow.
Taitel and Dukler (1976) presented theoretically flow pattern maps with transition criteria for
gas-liquid flow in horizontal tubes and these flow pattern maps were widely used for horizontal
flows. Empirical based flow pattern maps were investigated by Weisman et al. (1979) and
Spedding and Spence (1993). Flow patterns in inclined tubes were observed by Taitel and Dukler
(1976), Barnea et al. (1980), Weisman and Kang (1981), and Mukherjee and Brill (1985). The
adiabatic flow patterns in circular tubes were comprehensively investigated by Hewitt (2000).
The typical flow patterns for two-phase flow in a horizontal round tube are illustrated in
Figure 2-1. The characteristics of two-phase flow pattern are defined as follows (Carey, 1992):
•

Bubbly flow: The vapor bubbles tend to flow the upper portion of the horizontal tube due
to their buoyancy effect at the very low quality.

•

Plug flow: As vapor quality increases, the small bubbles merge each other and then
produce large bubbles. The bubbles flow in the top of the tube.

•

Stratified flow: The liquid flowing in the bottom of the tube is separated from the vapor in
the top of the horizontal tube by a smooth surface at the low flow rates and higher
qualities.

•

Wavy flow: At the increased quality and flow rate, the interface becomes wavy and it
becomes the wavy flow regime.

•

Slug flow: As the vapor velocities increase, the flow regime transit from the wavy flow to
the slug flow. The vapor slugs tend to move in the top of the tube due to the buoyancy.
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•

Annular flow: Annular flow is observed at high vapor velocities. The film thickness on the
bottom of the tube becomes thick, while the film on the top of the tube tends to be thin due
to the buoyancy effect.

2.1.2 Flow Patterns in Minichannels and Microchannels
Two-phase flow characteristics of minichannels and microchannels have been known to be
significantly different from those in macrochannels. The gravitational force is more dominant
than the surface tension force in macrochannels, while the surface tension force plays important
role in minichannels and microchannels. The fundamental study of two-phase flow patterns in
minichannels and microchannels are still investigated due to the complex morphological
configurations with different geometries and operating conditions.
Several investigators proposed the microchannel criterion given by Laplace constant λL or
the Etovos number Eo

λL =

σ

g ( ρl − ρ v )

(2-1)

where σ , g , ρl , and ρ v are the surface tension, gravitational acceleration, densities of the
liquid and vapor at the saturated pressure, respectively.

Eo =

g ( ρl − ρ v ) D 2

σ

(2-2)

with a channel diameter, D. Suo and Griffith (1964) provided the following criterion for a
channel diameter, D,
Confined number λL D ≥ 3.3

(2-3)

Brauner and Moalem-Maron (1992) found the criterion as follows:

Eo ≤ ( 2π )

2
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(2-4)

Kandlikar and Grande (2003) presented the classification of channel dimensions based on
the Knudsen number, Kn = λm Dh , where the mean free path λm = μ π ρ 2 RT as listed in
Table 2-1.
Flow patterns in isothermal gas-liquid for small diameter tubes were experimentally
studied by Fukano et al. (1989). They observed four flow patterns: bubbly, plug, slug, and
annular flow in the horizontal capillary tubes having a diameter of 1.0 mm, 2.4 mm, and 4.9 mm.
Wambsganss et al. (1991) investigated comprehensively adiabatic two-phase flow patterns and
transition of air-water mixtures in a small horizontal rectangular channel with 19.05 mm

3.18

mm. Their results showed that the flow pattern maps in a macrochannel are not applicable to the
small diameter channel. There is no stratified flow in those channels because of the surface
tension is dominant in comparison with the gravitational force. Cornwell and Kew (1992)
observed experimentally three flow patterns such as isolated bubble, confined bubble, and
annular-slug flow in small parallel channels with R-113 as shown in Figure 2-2. They showed
that the flow patterns are strongly related with heat transfer coefficient. Mertz et al. (1996)
studied the flow boiling heat transfer with water and R-141b in rectangular channels with
channel widths of 1 mm, 2 mm, and 3 mm and aspect ratios of up to 3. They investigated the
presence of nucleate boiling, confined bubble flow for medium hat fluxes and annular flow for
high heat fluxes. Their results showed that the vapor generated in the channels blocks the liquid
flow, causing a reverse flow to occur in the channels. Kuznetsov and Shamirzaev (1999)
investigated flow patterns during flow boiling of R318C in an annular channel with 0.9 mm gap.
They observed four flow patterns: small bubbles, confined bubbles (Taylor’s bubbles), cell flow
(annular-slug flow) and annular flow. In their observation, the isolated bubble was called as the
small bubble region. They pointed out that the capillary forces strongly affect the flow pattern
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and heat transfer in the horizontal annular channel. Coleman and Garimella (1999) investigated
flow patterns and flow transitions for air-water flow in round and rectangular tubes with small
diameter ranging from 5.5 to 1.3 mm. They observed bubble, dispersed, elongated bubble, slug,
stratified, wavy, annular-wavy, and annular flow patterns. They pointed out that the channel
diameter and surface tension effects play a significant role in determining the flow patterns and
flow transitions in the case of tubes with smaller diameter. Furthermore, their results showed that
these effects suppress the stratified flow regime in small channels. They proposed that the aspect
ratio, hydraulic diameter, and surface tension may be important factors to identify the flow
transitions.
Triplett et al (1999a) investigated flow patterns for air-water mixtures in circular
microchannels with 1.1 and 1.45 mm inner diameters and in microchannels with semi-triangular
cross-sections with hydraulic diameters of 1.09 and 1.49 mm. Five flow patterns were observed
in the experiments: bubbly, churn, slug, and slug-annular and annular flow except the stratified
flow. Flow patterns for air-water flow and steam-water flow in microchannels were visualized by
Feng and Serizawa (1999 and 2000) and Serizawa et al. (2002). Their flow patterns were
dispersed bubbly flow, gas slug flow, liquid ring flow, liquid lump flow, annular flow, frothy or
wispy annular flow, rivulet flow, and liquid droplets flow. The liquid ring flow transited from the
slug flow at high gas velocities and the liquid lump flow developed from the liquid ring flow at
the increased gas flow rate in liquid ring flow. They noticed that the liquid lump flow is similar
to the wavy flow in a horizontal macrosize tube. Kawahara et al. (2002) investigated
experimentally nitrogen gas-water flow patterns in a circular microchannel with a diameter of
100 µm. Different flow patterns at a given flow condition were observed: liquid slug, gas core
with a smooth-thin liquid film, gas core with a smooth-thick liquid film, gas core with a ring-
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shaped liquid film, and gas core with a deformed interface. Bubbly and churn flow were not
observed in the experiments. They also investigated the ring-shaped liquid films first observed
by Feng and Serizawa (1999 and 2000). The results indicated that the ring-shaped liquid film and
smooth-thin liquid film are affected by the surface tension rather than the gravitational effect.
Kandlikar (2002a) comprehensively reviewed two-phase flow patterns in minichannels and
microchannels. It was noted that the confined flow is similar to the plug flow pattern observed in
conventional channels with a larger diameter (> 3 mm). Kawaji and Chung (2004) investigated
adiabatic nitrogen gas-water flow in microchannels with hydraulic diameters of 100 μm and 96
μm. Slug flow was only observed in the microchannels.
The effect of the gravity effect on the transition from symmetry flow to asymmetry flow
patterns for condensation flow in mini- and micro-tubes was studied by Li and Wang (2003).
They obtained the critical and threshold values of tube diameter, Dc and Dth , in terms of the
Laplace constant as follows:
Dc = 0.224λL

(2-5)

Dth = 1.75λL

(2-6)

For D ≤ Dc , the gravitational effect in the channels can be negligible and possible flow patterns
are annular, lengthened bubble, and bubble flow. For D > Dc , the surface tension effect is
smaller than the gravitational effect. Thus, the flow regime may similar to those in macrosize
tubes. When Dc ≤ D ≤ Dth , the flow patterns are asymmetrical annular and asymmetric elongated
bubble flow because both the surface tension and gravitational effects are dominant in this
criterion. Xu et al. (2005) studied microscale boiling heat transfer using acetone as the working
fluid in ten parallel silicon microchannels with hydraulic diameter of 155.4 μm. Four flow
patterns were observed: liquid plug/vapor slug flow, bubble slug entrained in a liquid plug,
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paired or triplet bubbles entrained in a liquid plug, and transient annular flow. It was investigated
that all microchannels repeat the transient flow patterns in milliseconds. Revellin et al. (2006)
studied diabatic two-phase flow patterns for R-134a in microchannels with an internal diameter
of 0.5 mm as shown in Figure 2-3. They observed four flow patterns: bubbly, slug, semi-annular,
and annular flow. For higher mass fluxes, the annular flow was quickly investigated due to
coalescence among small bubbles.
2.1.3 Flow Regime Map

Flow regime maps represent graphically flow regimes at different conditions using
superficial gas and liquid velocities defined by
jv =

jl =

Gx

(2-7)

ρv

G (1 − x )

(2-8)

ρl

where G = mt Ac is the mass flux, x is the vapor quality, mt is the total mass flow rate, and Ac
is the cross-sectional area.
Baker (1954), Mandhane et al (1974), and Barnea et al. (1980) proposed experimentally
flow regime maps for gas-liquid flow in horizontal or slightly inclined round tubes. Theoretical
models to predict flow pattern transition boundaries for adiabatic two-phase flow in horizontal
macrochannels were developed by Taitel and Dukler (1976) and Weisman et al. (1979). Flow
regime map represented by Taitel and Dukler (1976) has been more commonly used in
macrochannels. The horizontal axis of the flow regime map is the Martinelli parameter X as
defined by
1/ 2

⎡ ( dp dz )l ⎤
X =⎢
⎥
⎢⎣ ( dp dz )v ⎥⎦
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(2-9)

where ( dp dz )l and ( dp dz )v are the frictional pressure gradients for the liquid and vapor
phases flowing along a channel as
2
⎛ dp ⎞ −2 fl G (1 − x )
⎜ ⎟ =
ρl D
⎝ dz ⎠l

2

(2-10)

2 2
⎛ dp ⎞ −2 f vG x
=
⎜ ⎟
ρv D
⎝ dz ⎠v

(2-11)

with the friction coefficients for the liquid and vapor phases are , fl and f v , respectively. The
two vertical positions of the map are the dimensionless parameters, KTD for the stratified flowto-wavy flow transition, FTD for the wavy-annular and wavy-intermittent transitions and TTD for
the bubbly flow-to-intermittent flow transition, respectively, defined by
1/ 2

KTD

⎡
⎤
ρv jv2 jl
=⎢
⎥
⎢⎣ vl ( ρl − ρv ) g cos θ ⎥⎦

(2-12)

1/ 2

⎡
⎤
ρv jv2
FTD = ⎢
⎥
⎢⎣ ( ρl − ρv ) Dg cos θ ⎥⎦

(2-13)

⎡ − ( dp dz )l ⎤
TTD = ⎢
⎥
⎢⎣ ( ρl − ρv ) g cos θ ⎥⎦

(2-14)

1/ 2

where vl is the kinematic viscosity of the liquid and θ is the inclination angle of the
channel to the horizontal. Although the flow regime map represented by Taitel and Dukler
(1976) is widely used to predict the flow patterns for horizontal flow in macrochannels, it can
hardly analyze the flow patterns in minichannels and microchannels. The reason is that the
gravitational effect is dominant in macrochannels and has considerably influence on the flow
patterns. The channel orientation has a significantly effect on the two-phase flow map as well.
As aforementioned, the surface tension in mini- and micro-channels, however, is a foremost
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factor rather than the gravitational effect. The channel orientation and the gravitational effect
have no longer an important effect on the two-phase flow map in the mini- and micro-channels
due to their smaller diameter. Instead, both channel size and geometry of microchannels affects
flow pattern transitions. Cornwell and Kew (1992) proposed the Confinement Number to
represent the restriction to the general flow regimes caused by channel size effects as follows:
Co =

σ g ( ρl − ρv )
Dh

(2-15)

They proposed that the Confinement Number can be used to find the transition from isolated to
confined bubble regimes and the first confined boiling occurs when Co > 0.5 . According to Suo
and Griffith (1964), buoyancy effects may be negligible for Co ≥ 3.3 . Two-phase flow boiling in
microchannels has typically a large value of Co , which points out the predominance of the
surface tension force over the gravitational force.
Flow regime maps for air-water mixtures in small round and rectangular tubes with
diameters ranging from 5.5 to 1.3 mm were developed by Coleman and Garimella (1999). The
liquid and gas superficial velocities ranged from 0.01 to 10.0 m/s and from 0.1 to 100 m/s. The
flow regime maps showed that flow regime transitions are dominantly affected by the tube
diameter. The transition from a plug and slug regime to a dispersed or bubbly regime found at
higher superficial liquid velocities with the decreased tube diameter. It may be dominant surface
effects. At higher superficial vapor velocities, the transition to the annular flow regimes, such as
wavy-annular and annular flow was observed. At higher and nearly constant superficial vapor
velocities, the transition from wavy-annular flow to pure annular flow was investigated. Triplett
et al (1999b) constructed a flow regime map for gas-liquid two-phase flow in circular
microchannels with 1.1 and 1.45 mm inner diameter and semi-triangular microchannels with

36

hydraulic diameters of 1.09 and 1.49 mm. The range of superficial velocities of liquid and gas
phases were 0.02 – 8 m/s and 0.02 – 20 m/s, respectively. The comparison of their flow regime
with relevant flow transition models and correlations showed poor agreement.
Tabatabai and Faghri (2001) proposed a new two-phase flow regime map to emphasize the
surface tension effects in horizontal miniature and micro tubes. Based on force balance including
shear, buoyancy and surface tension forces, a transition boundary was proposed. At the flow
regime map with transition boundaries, the horizontal axis represents the ratio of pressure drop
due to surface tension forces to that due to shear forces, which is the sum of the liquid and gas
phases defined by

Δpratio

⎛ dp ⎞
⎛ dp ⎞
⎜ ⎟
⎜ ⎟
⎝ dz ⎠surface tension
⎝ dz ⎠surface tension
=
=
⎛ dp ⎞
⎛ dp ⎞
⎛ dp ⎞
⎜ ⎟
⎜ ⎟ +⎜ ⎟
⎝ dz ⎠shear
⎝ dz ⎠l , s ⎝ dz ⎠ g , s

(2-16)

The vertical axis denotes the ratio of superficial gas to superficial liquid velocities. The proposed
boundaries account for the surface tension-dominated regime and shear-dominant regime; the
surface tension-dominated regime represents bubbly, plug, and slug flow and the shear-dominant
regime refers to stratified, wavy, annular, and misty flow. They pointed out that the transition
boundary is valid for small diameter tubes of less than about 4 mm. Zhao and Bi (2001)
identified flow regimes of co-current air-water two-phase flow in vertical triangular channels
with hydraulic diameters of 2.886, 1.443, and 0.866 mm. The superficial velocities of liquid and
gas phases ranged from 0.08 to 10 m/s and from 0.1 to 100 m/s, respectively. The flow regimes
indicated that the flow patterns encountered in the conventional vertical channels, such as
dispersed bubbly, slug, churn, and annular flow are observed in the channels with hydraulic
diameters of 2.886 and 1.443 mm. The dispersed bubbly flow was not found in the channels
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having a hydraulic diameter of 0.866 mm. Instead, capillary bubbly flow was observed in the
smaller channels. It was found that the transition boundary from slug to churn flow and from
churn to annular flow in the flow regime maps shifts to the right with the decreased channel
diameters.
Flow pattern maps for air-water two-phase flow in circular microchannels with a diameter
of 20 µm were investigated by Serizawa et al. (2002). They identified four flow regimes: bubbly
flow, slug flow, liquid-ring flow, and liquid lump flow except liquid droplet flow. Kawahara et
al. (2002) presented a detailed flow pattern map for a 100 µm circular tube with nitrogen gaswater. The superficial velocities of liquid and gas phases were in 0.02 – 4 m/s and 0.1 – 60 m/s,
respectively. Bubbly and churn flow patterns were not found in their results. They pointed out
that the absence of bubbly and churn flow may result from the low liquid Reynolds and laminar
nature of liquid flow in the microchannels. Chung et al. (2004) developed flow pattern maps for
adiabatic gas-liquid two-phase flow in a square channel with Dh = 96 µm and a circular channel
with Dh = 100 µm. Based on the observed flow patterns (slug-ring, ring-slug, multiple, and
semi-annular flow), they pointed out that the transition boundaries were dependent on the
microchannel shape.
Qu et al. (2004) represented a flow pattern map for two-phase flow in rectangular
microchannels with 0.406 × 2.032 mm. They showed significant discrepancy between their map
and the present microchannel data. Stratified, wavy, and dispersed flows were never observed in
their study. They noted that the discrepancy between flow patterns and transition boundaries is
due to the significant sensitivity of gas-liquid flow pattern to working fluid, channel size and
geometry for minichannels and microchannel flows at low superficial velocities. Revellin and
Thome (2007) proposed a new diabatic flow pattern map for boiling heat transfer of refrigerant
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R-134a and R-245fa in microchannels with diameters of 0.509 and 0.790 mm as shown in Figure
2-4. They proposed that the transitions are governed by the rate of coalescence. The reason is
that small bubbles fast coalesce to form elongated slug ones at higher mass flux. The new
diabatic flow pattern map based on a mass flux and vapor quality for evaporating flow in the
microchannels is characterized by four zones: isolated bubble regime, coalescing bubble regime,
annular, and post-dryout zone. They noted that the flow pattern map can be used to determine the
reasonable operating range of micro-evaporators.
A general flow pattern map in minichannels and microchannels has not been entirely
constructed due to simultaneously considering several dimensionless parameters such as
Rel =

ρl jl Dh
ρ jD
and Rev = v v h
μl
μv

(2-17)

Wel =

ρl jl2 Dh
ρ j2D
and Wev = v v h
σ
σ

(2-18)

jl2
j2
and Frv = v
gDh
gDh

(2-19)

μl jl
σ

(2-20)

jv
jl

(2-21)

Frl =

Ca =

S=

where Weber numbers Wel and Wev are the ratios of inertia to surface tension, Froude numbers

Frl and Frv inertia to gravity, Capillary number Ca liquid viscous force to surface, and S (slip
ratio) vapor inertia to liquid inertia.
2.2 Pressure Drop during Flow Boiling in Minichannels and Microchannels

Pressure drop in channel flow is the most important parameter to design microscale
devices. The overall pressure drop for two-phase flow boiling is the sum of the single-phase and
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two-phase flow. The pressure drop in microchannels significantly deviates from that in
macrochannels because of the channel size, roughness, and geometry of microchannels. The
accurate predictive model to estimate pressure drop, especially a two-phase region, is very
limited in those channels. The previous studies for pressure drop model including sing-phase and
two-phase regions are summarized in this section.
2.2.1 Single-Phase Pressure Drop

The single-phase pressure drop over a channel length is affected by the friction effects of
the flow:

Δp = f

2ρu 2 L
Dh

(2-22)

where the friction factor f for a circular channel is defined by

f =

16
Re

(2-23)

The significant discrepancies between the experimental results obtained in microchannels
and the predictions of the conventional theory were reported by several researchers (Mala and Li,
1999; Qu et al., 2000; Jiang et al., 2001), while others have reported good agreement (Xu et al,
2000; Judy et al., 2002).
Mala and Li (1999) studied experimentally single-phase pressure drop in microtubes with
diameters ranging from 50 to 254 µm. Their experimental results showed that the experimental
pressure drop for small Reynolds number is approximately equal to that predicted by the
conventional flow theory; however, as the Reynolds number increases, measured pressure drop is
significantly higher than predicted by the Poiseuille flow theory. In addition, they showed that
the friction factor is higher than that obtained in the conventional theory. It was found that the
reason of the large discrepancy is due to the effects of surface roughness of the microchannels.
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Qu et al. (2000) reported pressure gradients and flow frictions of water in trapezoidal silicon
microchannels having hydraulic diameters of 51 – 169 μm. The pressure gradients and friction
factors obtained from their experiments in microchannels were higher than those estimated by
the conventional laminar flow theory. It was found that the surface roughness of the
microchannels may affect the higher pressure gradients and friction factors. Jiang et al. (2001)
investigated experimentally pressure drop in microchannels with 0.2 mm wide and 0.6 mm deep.
They found that the transition from laminar to turbulent flow in the microchannels occurs at
Re ≈ 600 , compared to the conventional channels.

Xu et al. (2000) investigated experimentally flow friction of liquid flow in microchannels
with hydraulic diameters in the range of 30 – 344 μm at Reynolds number ranging from 20 to
4000. Flow characteristics flow in microchannels agreed with conventional behaviors predicted
by Navier-Stokes equations, although very small channel dimensions caused micro effects. Judy
et al. (2002) studied pressure drop for liquid flow in round and rectangular microchannels in the
range of 15 – 150 μm. They did not find discrepancies between the experimental results and
macroscale Stokes flow theory for any channel cross-section, diameter, and material. Wu and
Cheng (2003a) investigated friction factors of laminar flow of deionized water in smooth
trapezoidal silicon microchannels with hydraulic diameters in the range of 25.0 – 291.0 μm. The
experimental results showed that the friction factor is significantly affected by the cross-sectional
aspect ratio. It was found that transition from laminar to turbulent flow occur at
Re = 1500 − 2000 in the microchannels. They emphasized that the Navier-Stokes equations are

still valid for the laminar flow of deionized water in the silicon microchannels having hydraulic
diameter as small as 25. 9 μm.
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Bahrami et al. (2006) studied the influence of surface roughness on the laminar, fully
developed, incompressible flow in microtubes and proposed a new model considered with
roughness effects. They showed that the increased pressure drop is influenced by the effect of
surface roughness in microtubes. Steinke and Kandlikar (2006) comprehensively reviewed the
available literature on single-phase liquid friction factors in microchannels and conducted
experiments on square silicon microchannels with 200 μm sides and 10 mm in length. They
pointed out that the Stokes and Poiseuille flow theories can apply for single-phase flow in
microchannel flows.
2.2.2 Two-Phase Pressure Drop

The two-phase pressure drop consists of two components: accelerational and frictional
pressure drops. The acceleration pressure drop is caused by the flow acceleration during the
phase-change process as (Lockhart and Martinelli, 1949):
2
2
2
1 − xout ) ⎤ ⎡ xin2
1 − xin ) ⎤ ⎪⎫
(
(
⎪⎧ ⎡ xout
Δpa = G ⎨ ⎢
+
+
⎥−⎢
⎥⎬
⎪⎩ ⎢⎣ ρvα out ρl (1 − α out ) ⎥⎦ ⎣⎢ ρ vα in ρl (1 − α in ) ⎦⎥ ⎪⎭
2

(2-24)

where the void fraction can be evaluated by Zivi’s correlation (1964)
⎡ ⎛ 1 − x ⎞ ⎛ ρ ⎞ 2/3 ⎤
v
α = ⎢1 + ⎜
⎟⎜ ⎟ ⎥
ρ
x
⎝
⎠
⎢⎣
⎝ l ⎠ ⎥⎦

−1

(2-25)

The two-phase frictional pressure drop in macrochannels is calculated by the homogeneous flow
model or the separated flow model associated with the two-phase multiplier. The two-phase
multiplier is widely used for predicting the two-phase frictional pressure drop in channel flow.
The parameter can be determined by Lockhart and Martinelli correlation (1949), MartinelliNelson correlation (1948), or Friedel’s correlation (1979) and is defined by (Carey, 1992)

42

⎡ ( dp dz ) fr ⎤
φl = ⎢
⎥
⎢⎣ ( dp dz )l ⎥⎦

1/ 2

(2-26)

⎡ ( dp dz ) fr ⎤
φlo = ⎢
⎥
⎢⎣ ( dp dz )lo ⎥⎦

1/ 2

⎡ ( dp dz ) fr ⎤
φv = ⎢
⎥
⎢⎣ ( dp dz )v ⎥⎦

(2-27)

1/ 2

(2-28)

The two-phase multiplier of the liquid and vapor phases is given by (Chisholm, 1983)
C
1
+ 2
X X

(2-29)

φv = 1 + CX + X 2

(2-30)

φl = 1 +

where the empirical parameter C depends on the flow region of each phase, laminar or turbulent
region as listed in Table 2-2 and the Martinelli parameter X is estimated by Equation (2-9).
The pressure drop of flow boiling in microchannels has been studied by many investigators
in the past years. Table 2-3 summarized two-phase pressure drop correlations in the open
literatures. Bergles and Dormer (1969) investigated early the pressure drop for subcooled flow
boiling of water in horizontal small tubes with diameters ranging from 1.57 to 5.03 mm. Bowers
and Mudawar (1994a, 1994b, and 1994c) investigated flow boiling pressure drop of R-113 in
mini-channel (2.5 mm i.d.) and micro-channel (510 μm i.d.) heat sinks. They evaluated the
pressure drop in the two-phase region using homogeneous flow model and the predicted pressure
drop was compared very well to the experimental data. Mishima and Hibiki (1996) studied the
frictional pressure drop for air-water mixtures in capillary vertical tubes with diameters ranging
from 1 to 4 mm. They developed a new correlation for the empirical parameter C related with an
inner diameter to improve the accuracy of the frictional pressure drop as follows:
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(

C = 21 1 − e −319 Dh

)

(2-31)

Triplett et al. (1999b) experimentally investigated the two-phase frictional pressure drop
for gas-liquid in circular microchannels with 1.1 and 1.45 mm diameter and in microchannels
with semi-triangular cross-sections with Dh = 1.09 and 1.49 mm. They showed that for bubbly
and slug flow patterns, the two-phase friction factor based on homogeneous model predicts very
well their experimental data with good accuracy. For annular flow, however, the homogeneous
model and other widely used correlations significantly overpredict the frictional pressure drop.
Tran et al. (2000) studied the two-phase pressure drop of three refrigerants (R-134a, R-12, and
R-113) in round tubes with 2.46 and 2.92 mm inner diameter and a rectangular channel with 4.06
mm wide and 1.7 mm deep during flow boiling process. They proposed a new frictional pressure
drop correlation associated with the effects of surface tension and channel size. The deviation
between the predicted values and experimental data was within ±20% . Lee and Lee (2001a and
2001b) studied flow boiling pressure drop for water and air-water mixtures in horizontal small
rectangular channels with gaps of 0.4 – 4 mm and for R-113 in single rectangular channels of 20
mm wide and 0.4, 1 and 2 mm high. Several previous correlations developed for both macro- and
mini/micro-channels were evaluated for the frictional pressure drop. Large discrepancies except
for a modified Lockhart-Martinelli correlation taking into account of mass fluxes and channel
gaps were investigated by Lee and Lee (2001a). The modified Lockhart-Martinelli correlation
for the frictional pressure drop was within accuracy of ±20% . Zhao and Bi (2001) investigated
two-phase pressure drop of air-water two-phase flow in vertical miniature triangular channels
with Dh = 0.866, 1.443, and 2.886 mm. They pointed out that the Lockhart-Martinelli
correlation with the newly proposed friction factor correlation for single-phase can better predict
the two-phase pressure drop. Flow boiling pressure drop of water in a single horizontal tube with
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a diameter of 2.98 mm was evaluated by Yu et al. (2002). They developed a modified LockhartMartinelli parameter and the Chisholm correlation to predict the two-phase pressure drop. The
new correlation showed better agreement with the experimental results. Kawahara et al. (2002)
studied two-phase pressure drop of de-ionized water and nitrogen gas in a microchannel having a
diameter of 100 μm. They showed that the two-phase friction multiplier data were overpredicted
by the homogeneous flow model; however, the separated flow model proposed by Lockhart and
Martinelli (1949) correlated well within ±10% . Qu and Mudawar (2003a) developed predictive
tools of the two-phase pressure drop for water in micro-channel heat sinks with 21 parallel
rectangular channels ( 231× 713 μm). They investigated the accuracy of two-phase pressure drop
using generalized two-phase pressure drop correlations. A new correlation accounting for the
effects of both channel size and coolant mass velocity was developed. Their results showed that
the new correlation was more accurate than previous correlations for predicting pressure drop.
Qu and Mudawar (2004) compared three widely used two-phase pressure drop models and
correlations, which are the homogeneous flow model, Martinelli-Nelson correlation model and
Lockhart-Martinelli correlation, to experimental data with their previous geometry. They pointed
out that the homogeneous flow model shows poor predictions of the experimental data for water;
however, the Lockhart-Martinelli correlation represents the good agreement with the
experimental data. Lee and Mudawar (2005a) measured two-phase pressure drop for R134a in a
microchannel heat sink with 231 µm wide and 713 µm deep. They showed that the predictions of
the homogeneous flow model, separated flow model and correlations are not compared very well
to the experimental results. They developed a new correlation which modified the two-phase
pressure drop multiplier with the effects of surface tension and liquid viscosity and the proposed
correlation showed good agreement with the experimental results. Hwang and Kim (2006)
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investigated two-phase flow pressure drop of R-134a in microtubes with 0.244, 0.430, and 0.792
mm i.d. They proposed a new correlation including the effects of the tube diameter, surface
tension effect, and Reynolds number to predict the two-phase flow pressure drop in microtubes.
They reported that the accuracy of the new correlation is within ±8.1% . However, the predictive
tools of two-phase pressure drop to increase accuracy compared with experimental data have
been still developed by a number of investigators.
2.3 Two-Phase Flow Boiling in Microchannels

Boiling is a phase change process through the liquid-vapor interface when vapor bubbles
are formed either on a heated surface or in a superheated liquid layer near the heated surface. It is
utilized in various energy conversion and heat exchange systems and in cooling system of highpower density electronic devices. The liquid-vapor flow configurations in flow boiling change
due to the rapid generation of vapor bubbles along the flow direction. In consequence, flow
boiling through heated channels efficiently enhances heat transfer.
In the modeling of boiling nucleation and bubble growth, the fluid mechanics and heat
transfer associated with a liquid thin film in the form of a meniscus and a contact line are closely
related to the boiling process in microchannels. The liquid thin film plays an important role in
nucleate boiling heat transfer. This liquid film underneath a vapor bubble is called the
microlayer. Professor P. Wayner and his co-workers have reported extensive experimental and
modeling works in the thin film hydrodynamics, and heat and mass transfer.
In general, interfacial phenomena have a significant effect on heat transfer characteristics
in microchannel heat sinks requiring higher heat fluxes. The interfacial phenomena within the
evaporating extended meniscus have been studied by a number of investigators.
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2.3.1 Phase-Change Phenomena in Meniscus

The properties of small liquid systems deviate from those of a bulk liquid due to the effects
of long-range intermolecular forces. Intermolecular and surface forces result from the electronic
structure of atoms and molecules. These forces cause the adhesion of one substance to another,
the cohesion in bulk liquids, the free energy associated with interfaces, and the liquid-vapor
phase distribution in a closed system. The disjoining pressure is caused by the intermolecular
forces between two apolar molecules or atoms.
The disjoining pressure and its role in preventing liquid film dryout were first proposed by
Derjaguin et al. (1957). At an equilibrium non-evaporating film region, liquid flow is prevented
from evaporating by interfacial resistance to mass transfer. They suggested that thin film
transport, beyond this film region, is capable of significantly increasing the evaporation rate from
capillaries. Derjaguin et al (1965) developed a model incorporating an adsorption isotherm of the
disjoining pressure as well as mass transport in capillary tubes. They showed that the mass
transport in the liquid thin film near the interline dramatically increases the evaporating rate over
that estimated solely by diffusion theory.
Potash and Wayner (1972) experimentally studied the transport processes occurring in an
evaporating two-dimensional meniscus and adsorbed thin film formed on a superheated flat glass
plate immersed in a pool of saturated carbon tetrachloride with Derjaguin’s disjoining pressure.
They proposed the extended meniscus which consists of three distinct regions as shown in Figure
2-5. The intrinsic meniscus region is dominated by capillary forces; the equilibrium nonevaporating liquid film region is mainly governed by the disjoining pressure due to
intermolecular interactions between the wall and the bulk liquid. In the adsorbed film region,
superheated liquid molecules are prevented from evaporating by extremely strong interaction
forces between the liquid molecules and the solid substrate. The evaporating thin film region
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exists between the intrinsic meniscus and the adsorbed film region. In this region, the effects of
capillarity and the disjoining pressure are equally important for fluid flow and heat transfer. The
results showed that fluid flow results from a change in the external meniscus profile and the
presence of an adsorbed superheated film results in a smooth transition between the evaporating
and non-evaporating portions of the extended meniscus. Miller (1973) investigated the stability
of liquid-vapor interfaces moving as a result of phase change or mass transfer. His result showed
that instability during vaporization of a liquid film may occur only when pure liquids of
relatively low volatility are vaporized under vacuum, or that the liquid has very low surface
tension.
Wayner et al (1976) first developed a mathematical model consisting of an adsorbed nonevaporating layer and an evaporating meniscus with a constant surface temperature as shown in
Figure 2-6. The interline region separates the two parts and the controlling forces are due to the
disjoining pressure and capillary pressure. Also, a dispersion based model of the evaporating
meniscus near the exit of a capillary tube was developed by Wayner (1979). He found that the
viscous flow in the liquid thin film near the interline dominantly affected the entire meniscus
profile. The results showed that increasing the interline heat flux reduces the capillary pressure
by increasing the apparent contact angle. Renk and Wayner (1979) investigated an evaporating
ethanol meniscus and proposed a mathematical model of capillary flow heat transfer. They
showed that the fluid flow resulting from a change in the meniscus resupplies the liquid
evaporated in an evaporating meniscus. In addition, the reported results showed that the fluid
velocity, local heat flux, and local temperature differences between liquid-vapor interface and
surface reach a maximum very near the interline. Moosman and Homsy (1980) developed a
mathematical model to account for the transition phenomena in the horizontal extended meniscus
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using perturbation theory. It was found that the maximum heat flux occurs in the transition
region with small thermal resistance.
Over the years the model proposed by Wayner et al (1976) has been improved to include
effects of gravity, different liquid-substrate combinations and detailed meniscus and film
structures, which were verified by extensive experimental data (Sujanani and Wayner, 1992;
DasGupta et al., 1993 and 1994; Wayner, 1997). The model has also been modified to address
the motion of a meniscus and a moving contact line (Wayner, 1994). Wayner (1999)
comprehensively reviewed on the modeling through the liquid-vapor interface and its application
to various physical systems.
Mirzamoghadam and Catton (1988) developed a physical model of the evaporating
meniscus on an inclined, partially submerged copper plate using an integral approach similar to
boundary layer analysis. Swanson and Herdt (1992) proposed a mathematical model of the
evaporating meniscus in a capillary tube combining the full three-dimensional Young-Laplace
equation, Marangoni convection, London-van der Waals dispersion forces, and non-equilibrium
interface conditions. They found that the dimensionless superheat has no apparent effect on the
meniscus profile; the dispersion coefficient, however, significantly changes in the meniscus
profile. Also, the results showed that the local interfacial mass flux and total mass transfer rate
increase drastically with the dispersion coefficient increased.
Begg et al. (1999) proposed a steady-state mathematical model of condensation in a
miniature tube to predict the liquid film profile along the condenser and the length of the twophase flow region. The model incorporated the liquid-vapor frictional interaction and surface
tension gradient. They pointed out that pressure drop in the vapor phase is insignificant
compared to the pressure drop in the liquid phase.
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2.3.2 Simple Model for Two-Phase Flow Boiling

Many investigations of micro heat pipes have been conducted to predict heat transfer
during evaporation from the extended meniscus based on Wayner’s model. Stephan and Busse
(1992) developed a mathematical model for the radial heat transfer of grooved heat pipe
evaporator walls. They pointed out that the assumption of an interface temperature Ti equal to
the saturation temperature Tsat of a vapor phase may lead to a large overprediction of the radial
heat transfer coefficient. Longtin et al. (1994) developed a one-dimensional model of the
evaporation and adiabatic section to yield pressure, velocity, and film thickness along the length
of a micro heat pipe. The proposed model included interfacial and vapor shear stress terms. They
found that the pressure drop in the liquid phase is several times greater than that of the vapor
phase. Peles and Haber (2000) proposed a simple one-dimensional model of two-phase flow
boiling and heat transfer in a single triangular micro-channel. The model was developed by
assuming the constant vapor pressure along the channel and the constant vapor temperature.
Sartre et al. (2000) studied the effect of interfacial phenomena on evaporative heat transfer in
micro heat pipes. They developed three coupled models, solving the micro-region equations, the
two-dimensional wall heat conduction problem and the longitudinal capillary two-phase flow.
The results showed that the major part of the total heat input in the evaporator section is in the
micro-region. Both the apparent contact angle and the heat transfer rate in the micro-region
increased with increasing wall superheat.
Qu and Ma (2002) investigated the polarity effects of working fluids in a capillary with
constant wall temperature. They showed that for strong polar working fluids, the length of the
evaporating interfacial region is much longer compared with those of other apolar working
fluids. However, their model did not include the thermocapillary effect though non-isothermal
interfacial conditions. Park et al. (2003) developed a mathematical model to describe the
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transport phenomena for a thin film region on a microchannel with a non-polar liquid under
isothermal conditions. They applied the slip velocity conditions to an evaporating microchannel
filled with water under very simplified conditions. Thermocapillary effects were not considered
in their model. They pointed out that the gradient in the liquid pressure had a significant
influence on the thin film profile. In addition, it was found that the length and the maximum
thickness of the thin film decrease exponentially as the heat flux increases. Wee et al. (2005)
developed a mathematical model to predict the micro-/nano-scale fluid flow and heat/mass
transfer phenomena in an evaporating extended meniscus under non-isothermal interfacial
conditions. The model considered the polarity effect of working fluids, a slip boundary condition
on a heated wall, and thermocapillary stresses at the liquid-vapor interface. The results showed
that for a polar liquid, the transition region of the evaporating meniscus is longer than that of a
non-polar liquid. The strong polar attraction with the solid wall led to decreasing the evaporative
heat transfer flux. The results used the slip boundary condition increased evaporative heat and
mass flux and dropped the liquid pressure gradients and viscous drag at the wall.
Jacobi and Thome (2002) developed a simple heat transfer model accounting for thin-film
evaporation of elongated bubble flows in microchannels. They pointed out that thin-film
evaporation is dominant heat transfer mechanism. The proposed model predicted heat transfer
coefficient in microchannels well. However, the appropriate nucleation radius and initial thin
film thickness should be known before predict heat transfer using their model. Thome et al.
(2004) proposed a three-zone flow boiling model in microchannels. The model analyzed the
temporal variation of the heat transfer coefficient in a liquid slug, evaporating elongated bubble
and vapor slug. They noted that heat transfer in the thin film of the elongated slug bubble is
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dominant and that of the vapor slug can be negligible. In addition, it was found that bubble
frequency strongly affects on heat transfer behavior in microchannels.
Although extensive research of evaporating non-polar thin films has been performed due to
the simplicity of modeling van der Waals intermolecular forces, complete understanding of heat
transfer phenomena through the liquid-vapor interface has not been achieved yet.
2.3.3 Numerical Simulation of Two-Phase Boiling

Numerical simulation of two-phase boiling including an analytical model has been
extensively studied by several researchers in the past decades. A variety of numerical techniques
for direct numerical simulation of these problems include the volume-of-fluid (VOF), level-set,
phase field, front tracking methods, and sharp-interface method.
Numerical simulation of bubble growth in nucleate boiling using numerical grid generation
technique was developed by Lee and Nydahl (1989). The model included microlayer evaporation
but assumed negligible free convection, and a specified bubble and microlayer shape. They
concluded that microlayer evaporation contributes nearly 90% of the energy for the bubble
growth at 8.5 °C and 1 atmospheric pressure.
Mei et al. (1995) studied numerically the vapor bubble growth rate and associated thermal
fields in heterogeneous pool boiling. They constructed four dimensionless parameters to
characterize the vapor bubble growth rate and the temperature distribution of the solid and the
liquid. They assumed the liquid microlayer between a vapor bubble and a solid heating surface as
a simple wedge shape.
Son and Dhir (1997) numerically simulated saturated film boiling on a horizontal surface
using a numerical grid generation method. The results showed that the heat transfer coefficients
decreased with increase in wall superheat and at higher pressures, the growth of the interface
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slowed down. Son and Dhir (1998) used the level-set method to numerically simulate film
boiling near critical pressures.
Welch (1998) carried out a local simulation of axis-symmetric vapor bubble growth. The
numerical model used an interface tracking method in conjunction with a finite volume method
on a moving unstructured mesh. Son et al (1999) numerically simulated a two-dimensional
growth and departure model of single vapor bubbles during nucleate pool boiling. They used the
level-Set method to capture the liquid-vapor interface.
A Numerical model of fluid flow with phase change was developed by Welch and Wilson
(2000). The liquid-vapor interface was tracked by the volume of fluid (VOF) scheme
incorporated with mass transfer and surface tension. They showed that the numerical simulation
using the VOF technique provides accurate calculation of horizontal film boiling.
Ye et al. (2001) developed a direct numerical simulation method to investigate single
bubble deformation and phase change using the sharp-interface method to capture the liquidvapor interface with large density ratio. They pointed out that the sharp-interface approaches
successfully simulate bubbly dynamics for density ratio of 1600 or higher.
Mukherjee and Dhir (2004) studied three-dimensional cases for merger and departure of
multiple bubbles in nucleate pool boiling using the level-set technique. They showed that merger
of multiple bubbles significantly increases the overall wall heat transfer. The reason resulted
from trapping of liquid layer between the bubble bases during merger and caused by liquid flow
toward the wall during contraction after merger. Mukherjee and Kandlikar (2005) performed the
numerically simulation of the vapor bubble growth during flow boiling through a microchannel.
The level-set method based on the SIMPLER technique was used to capture the liquid-vapor
interface. They showed that the bubble growth rate increases with the incoming liquid superheat
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while this rate decreases with the Reynolds number. The effect of gravity on the bubble growth
rate was observed to be negligible for the case with Tin = 107 °C. It was found that the bubble
growth obtained from the numerical simulation is similar to the experimental data. Threedimensional numerical simulation of single bubble with different contact angles during nucleate
pool boiling is conducted by Mukherjee and Kandlikar (2007). The SIMPLER method was used
to calculate the incompressible Navier-Stokes equations and the interface location was solved by
the level set scheme. It was found that the numerical results are in good agreement with
experimental observations.
Geisler (2007) simulated natural convection boiling in vertical channel with the channel
gap of 7, 0.5, and 0.3 mm using the VOF method. The numerical simulation using the VOF
method successfully calculated natural convection boiling without phase change.
Only a few investigations for numerical simulation of flow boiling in a microchannel have
been reported in the literature. Furthermore, there is no three-dimensional numerical simulation
dealing with periodic flow boiling in a microchannel in open literature.
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Figure 2-1. Schematic representations of flow regimes observed in horizontal, co-current gasliquid flow (Carey, 1992).

Figure 2-2. Flow patterns in small parallel rectangular channels (Cornwell and Kew, 1992).
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Figure 2-3. Two-phase flow patterns and transitions of flow boiling in microchannels. A)
Bubbly flow, B) Bubbly/slug flow, C) Slug flow, D) Slug/semi-annular flow, E)
Semi-annular flow, F) Wavy annular flow and G) Smooth annular flow (Revellin et
al., 2006).
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Figure 2-4. New diabatic coalescing bubble map for evaporating flow in circular microchannels
(Revellin and Thome, 2007).
Q

Transverse
liquid flow

Equilibrium nonevaporating thin film
(Adsorbed thin film)

Evaporating Intrinsic
thin film

Figure 2-5. Flow regions through a liquid thin film in a microchannel.
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Figure 2-6. Interline junction of vapor, adsorbed evaporating liquid thin film and nonevaporating adsorbed liquid film (Wayner et al., 1976).
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Table 2-1. Classification of channel dimensions (Kandlikar and Grande, 2003)
Channel

Hydraulic diameters

Conventional Channels

Dh > 3mm

Minichannels

200 μ m < Dh ≤ 3mm

Microchannels

10μ m < Dh ≤ 200 μ m

Transitional Channels

0.1μ m < Dh ≤ 10 μ m

Transitional Microchannels

1μ m < Dh ≤ 10μ m

Transitional Nanochannels

0.1μ m < Dh ≤ 1μ m
Dh ≤ 0.1μ m

Molecular Nanochannels

Table 2-2. Empirical parameter C in Lockhart-Martinelli correlation (Chilsholm, 1983)
Liquid phase

Vapor phase

C

laminar

laminar

5

turbulent

laminar

10

laminar

turbulent

12

turbulent

turbulent

20
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Table 2-3. Summary of two-phase frictional pressure drop correlations
Author
Lockhart-Martinelli
(1949)

Frictional pressure drop
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Table 2-3. Continued
Author
Lee and Lee (2001b)

Frictional pressure drop
Δp2φ , fr =

φl2 = 1 +

L2φ

∫

xe ,out

2 f l G 2 (1 − xe )

φl2 dxe

Dh ρl
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CHAPTER 3
SEMI-ANALYTICAL EVAPORATION MODEL
A physical and mathematical model of an annular liquid-vapor flow pattern in a circular
microchannel has been developed. The schematic of the physical model is given in Figure 3-1. In
this model, an annulus flow pattern is assumed which has been observed in most microchannel
two-phase flows. The liquid-vapor two-phase flow is separated by a sharp interface. The
conservation of mass, momentum and energy equations with the axisymmetric cylindrical
coordinates as shown in Figure 3-2 were developed and then solved for the liquid and vapor
phases separately. Then the liquid-vapor interface was traced by maintaining continuity of mass
flux, heat flux and shear stress between the two phases. The vaporization mass flux at the
interface was determined by the kinetic theory of gases. In a microchannel, the pressure jump
condition due to the surface tension is an important effect; it, therefore, is included for the
interface force balance.
3.1 Assumptions

The basic assumptions adopted in the analysis are listed as follows:
•

An axisymmetric condition is used in the cylindrical coordinates.

•

Continuum is assumed, and therefore the no-slip condition is applied at the tube wall.

•

Liquid-vapor interface is sharp and smooth.

•

The radial pressure gradient is negligible.

•

The inertial terms can be neglected for liquid films due to lower mass flow rate.

•

Surface tension effects are included in the liquid thin-film region.

•

Heat transfer in the liquid thin film is dominated by conduction in the radial direction.

•

There is no temperature gradient in the vapor phase in the radial direction.
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3.2 Mathematical Modeling
3.2.1 Mass and Energy Balance

The mass balance and energy balance between z = 0 and an upstream local point, z = z in
the two-phase zone as shown in Figure 3-2 yield,
− ml .0 = ∫

R

R −δ

2π r ρl ul ( r , z ) dr + M evap ( z )

(3-1)

where ml ,0 is the liquid mass flow rate at z = 0 , M evap ( z ) is the total mass evaporation rate
between z = 0 and z = z at the liquid-vapor interface defined by

M evap ( z ) =

Q( z)
hlv

(3-2)

and takes a positive quantity. hlv denotes the latent heat of vaporization. Q ( z ) is the total heat
transfer rate taking place at liquid-vapor interface due to phase-change between z = 0 and z = z
and can be expressed by the following thermal energy balance

Q( z ) = −2π R ∫ qw′′ ( z )dz + ⎡( ml c p ,lTl ) − ( ml c p ,lTl ) ⎤
z
z =0 ⎦
⎣
0
z

(3-3)

where qw′′ ( z ) is the imposed local heat flux on the solid-liquid interface at any location and a
negative value. Note that Tw > Ti and therefore Q( z ) will be a positive value. For constant heat
flux, the total heat transfer rate can be defined by

Q( z ) = 2π R ∫ qw′′ dz + ⎡( ml c p ,lTl ) − ( ml c p ,lTl ) ⎤
z
z =0 ⎦
⎣
0
z

(3-4)

Based on the assumption of dominant conduction in the radial direction, the local heat flux
at the wall, for constant wall temperature, can be represented by the following equation,

qw′′, z = −kl

Tw − Ti
R ln ⎡⎣ R / ( R − δ ) ⎤⎦

63

(3-5)

where Ti is the local temperature of the liquid-vapor interface and δ is the liquid film thickness.
The following differential equation for Q ( z ) can be obtained from Eq. (3-3)

dQ
d
= −2π Rqw′′ ( z ) + ( ml c p ,lTl )
dz
dz

(3-6)

Substituting Eq. (3-5) into Eq. (3-6), Eq. (3-6) becomes the follows:

Tw − Ti
dQ
d
= 2π kl
+ ( ml c p ,lTl )
dz
ln ⎡⎣ R / ( R − δ ) ⎤⎦ dz

(3-7)

For constant heat flux, the gradient of total heat transfer rate can be written

dQ
d
= qw′′ ( 2π R ) + ( ml c p ,lTl )
dz
dz

(3-8)

3.2.2 Liquid Pressure Gradient

Neglecting the inertial term due to lower mass flow rate, the axial momentum equation for
the liquid phase can be written as,
1 dpl 1 ∂ ⎛ ∂ul ⎞
r
=
μl dz r ∂r ⎜⎝ ∂r ⎟⎠

(3-9)

The boundary conditions of the solution to Eq. (3-9) at the solid wall and the liquid-vapor
interface are
ul ( r=R ) =0

∂ul
∂r

=
r = R −δ

dσ dTi ⎤
1 ⎡
⎢ −τ l ,i −
⎥
μl ⎣
dTi dz ⎦

(3-10)
(3-11)

The boundary condition of Eq. (3-11) indicates that the liquid velocity gradient at the
interface is affected by the interfacial shear stress and the surface tension gradient due to surface
tension effects. The solution of Eq. (3-9) with boundary conditions of Eqs. (3-10) and (3-11)
gives the velocities of the liquid phase and the liquid-vapor interface,
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ul (r ) =

ul ,i

r = R −δ

=

1 dpl 2
r + C1 ln r + C2
4μl dz

(3-12)

1 dpl
2
( R − δ ) + C1 ln ( R − δ ) + C2
4μl dz

(3-13)

with
C1 = −

1 dpl
1
2
(R −δ ) +
2μl dz
μl

⎡
dσ dTi ⎤
⎢ −τ l ,i −
⎥(R −δ )
dTi dz ⎦
⎣

(3-14)

1 dpl 2
C2 = −
R − C1 ln R
4 μl dz

Substituting Eq. (3-12) into Eq. (3-1) and carrying out the integration, the liquid
pressure gradient with respect to the axial direction can be determined,
dpl
1 ⎛
Q( z ) ⎞ 1 C7 ⎡
dσ dTi ⎤
=
⎜ ml ,0 +
⎟+
⎢ −τ l ,i −
⎥
dz C6 ⎝
hlv ⎠ μl C6 ⎣
dTi dz ⎦

(3-15)

where
⎤
1 ⎡ R2
2
C3 =
− ( R − δ ) ln R ⎥
⎢
2 μl ⎣ 2
⎦
C4 = ( R − δ ) ln R
1⎞
1⎤
2 ⎡
⎛
C5 = R 2 ⎜ ln R − ⎟ − ( R − δ ) ⎢ ln ( R − δ ) − ⎥
2⎠
2⎦
⎝
⎣
C6 = −

{

(3-16)

}

πρl ⎡ 4
4
2
R − ( R − δ ) ⎤ − 4 ( R − δ ) C5 + πρl ( 2 Rδ − δ 2 ) C3
⎣
⎦
8 μl

C7 = πρl ⎡⎣( R − δ ) C5 − ( 2 Rδ − δ 2 ) C4 ⎤⎦
3.2.3 Vapor Pressure Gradient

The vapor pressure gradient can be written from the axial momentum balance on the vapor
phase as follows:
2
dpv
1 ⎧∂
= ⎨ ( − ρ v uv2 Av ) + π ( R − δ ) f v ρv ( uv − ul ,i )
dz
Av ⎩ ∂z

−2π ( R − δ ) ρv ( uv − ul ,i ) vv ,i
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}

(3-17)

We assumed that vapor follows the ideal-gas law to account for the compressibility of
vapor flow,

ρv =

pv
Rg Tv

(3-18)

The vapor density gradient for the axial direction is then given as,
d ρv
1 ⎛ dpv 1 pv dTv ⎞
=
−
⎜
⎟
dz
Rg ⎝ dz Tv Tv2 dz ⎠

(3-19)

The bulk temperature of saturated vapor is related to the saturated vapor pressure. Thus,
the bulk temperature gradient of saturated vapor can be written by the Clausius-Clapeyron
equation,
2
dTv dpv Rg Tv
=
dz
dz pv hlv

(3-20)

3.2.4 Interfacial Shear Stress

The liquid interfacial shear stress,τ l ,i is affected by the friction force due to the velocity
difference between the liquid and vapor phases and the shear stress force caused by mass flux
exchange of evaporation. It is determined based on the relationship suggested by Blangetti et
al.(1980)

τ l ,i = −

2
1
f v ρv ( uv − ul ,i ) + ρv ( uv − ul ,i ) vv ,i
2

(3-21)

where f v is the Fanning friction factor for a laminar flow with a smooth surface and is given by,

fv =

16
Rev

(3-22)

and the Reynolds number, Rev , is defined as,

Rev =

2 ( R − δ ) ρv ( uv − ul ,i )

μv
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(3-23)

3.2.5 Liquid Temperature Variation

The liquid bulk temperature, Tl , is defined by,

Tl =

2∫

R

R −δ

rTl (r )dr

⎡ R 2 − ( R2 − δ 2 )⎤
⎣
⎦

(3-24)

Tl (r ) in the right term of Eq. (3-24) is the local liquid film temperature profile given by the

radial conduction-dominant temperature distribution in a round tube shown below,
Tl (r ) = Ti +

Tw − Ti
r
ln
R
R −δ
ln
R −δ

(3-25)

Substituting Eq. (3-25) into Eq. (3-24) and integrating the result, the liquid bulk
temperature yields
Tl ( z ) = Ti +

2

Tw − Ti
⎤ ln ⎣⎡ R ( R − δ ) ⎦⎤
⎦

⎡ R2 − ( R − δ )
⎣
⎡1 ⎛
R
1⎞ 1
2⎤
× ⎢ R 2 ⎜⎜ ln
− ⎟⎟ + ( R − δ ) ⎥
⎣⎢ 2 ⎝ ( R − δ ) 2 ⎠ 4
⎦⎥
2

(3-26)

The bulk temperature gradient of liquid with respect to the axial direction can be obtained
below,
dTl dTi ⎛ dTw dTi ⎞
1
=
+⎜
−
⎟
dz
dz ⎝ dz
dz ⎠ ln ⎡⎣ R / ( R − δ ) ⎤⎦
2
⎡⎛
R
2
1 ⎞ R2 ( R − δ ) ⎤
×
− ⎟
+
⎢⎜ ln
⎥
4
⎡ R 2 − ( R − δ )2 ⎤ ⎢⎣⎝ R − δ 2 ⎠ 2
⎥⎦
⎣
⎦

(3-27)

Knowing the interfacial temperature and the liquid film thickness, the wall temperature
for constant heat flux can be obtained by
Tw ( z ) = Ti ( z ) + qw′′

R ln ⎡⎣ R / ( R − δ ( z ) ) ⎤⎦
kl

67

(3-28)

3.2.6 Pressure Difference at the Liquid-Vapor Interface

The pressure difference between the liquid and vapor phases is due to the capillary effect
and the disjoining pressure,
pv − pl = pc + pd = σ K + pd

(3-29)

where K is the local curvature of the liquid-vapor interface defined by,
d 2δ
K≡ 2
dz

⎡ ⎛ dδ ⎞2 ⎤
⎢1 + ⎜
⎟ ⎥
⎢⎣ ⎝ dz ⎠ ⎥⎦

−3/ 2

1
+
R −δ

⎡ ⎛ dδ ⎞2 ⎤
⎢1 + ⎜
⎟ ⎥
⎢⎣ ⎝ dz ⎠ ⎥⎦

−1/ 2

(3-30)

and pd is the disjoining pressure defined by the intermolecular force between the liquid and the
solid. For non-polar liquid, the disjoining pressure can be written as (Wayner et al, 1976),
pd =

A

δ3

(3-31)

where A is the dispersion coefficient and takes to be positive. However, pure water is strongly
polar liquid and then the disjoining pressure can be defined by (Holm and Goplen, 1979)
pd = − ρl Rg Ti ln ( Aδ B )

(3-32)

with A = 1.49 and B = 0.0243 . The disjoining pressure decreases rapidly as the liquid film
thickness increases. The gradient of the disjoining pressure for the non-polar and polar liquids
are
dpd
A dδ
= −3 4
δ dz
dz

(3-33)

dpd
dT B ρl Rg Ti d δ
= − ρl Rg ln ( Aδ B ) i −
δ
dz
dz
dz

(3-34)

3.2.7 Liquid Film Thickness

Differentiating Eq. (3-30) with Eq. (3-29), the third-order differential equation for the
liquid film thickness
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−1

2

2
⎛ d 2δ ⎞ ⎛ dδ ⎞ ⎡ ⎛ d δ ⎞ ⎤
d 3δ
− 3⎜ 2 ⎟ ⎜
⎟ ⎢1 + ⎜
⎟ ⎥
dz 3
⎝ dz ⎠ ⎝ dz ⎠ ⎢⎣ ⎝ dz ⎠ ⎥⎦
2
2
−2 d δ ⎡
−1 ⎛ d δ
⎛ dδ ⎞ ⎤
δ
1
R
+ (R −δ )
+
−
−
) ⎜ 2
⎢ ⎜
⎟ ⎥ (
dz ⎣⎢ ⎝ dz ⎠ ⎦⎥
⎝ dz
3/2

2
1 ⎛ dpv dpl dpd ⎞ ⎡ ⎛ d δ ⎞ ⎤
− ⎜
−
−
⎢1 +
⎥
σ ⎝ dz dz dz ⎟⎠ ⎣⎢ ⎜⎝ dz ⎟⎠ ⎥⎦
2
1 ⎧⎪ d 2δ
1 ⎡ ⎛ dδ ⎞ ⎤ ⎫⎪ dσ dTi
=0
1
+ ⎨ 2 +
+
⎢ ⎜
⎟ ⎥⎬
σ ⎩⎪ dz
R − δ ⎢⎣ ⎝ dz ⎠ ⎥⎦ ⎭⎪ dTi dz

⎞ dδ
⎟
⎠ dz

(3-35)

To obtain the liquid film thickness, new variables are defined by:
dδ
dΔ
≡ Δ and
≡η
dz
dz

(3-36)

Combining Eq. (3-36) and Eq. (3-35), the first-order differential equation for Eq. (3-35) can be
obtained as follows:
dη
2
2 −1
= 3 (η ) ( Δ ) ⎡1 + ( Δ ) ⎤
⎣
⎦
dz
+ (R −δ )

−1

(η ) Δ − ( R − δ )

−2

2
Δ ⎡1 + ( Δ ) ⎤
⎣
⎦

1 ⎛ dpv dpl dpd ⎞ ⎡
2 3/ 2
−
−
1+ (Δ) ⎤
⎜
⎟
⎦
σ ⎝ dz dz dz ⎠ ⎣
1⎧
1 ⎡
2 ⎫ d σ dTi
− ⎨η +
1+ (Δ) ⎤⎬
⎦ ⎭ dTi dz
R −δ ⎣
σ⎩
+

(3-37)

3.2.8 Interfacial Temperature

The evaporation of the liquid-vapor interface is related to the temperature difference and
pressure difference at the liquid-vapor interface. Using kinetic theory, the evaporative mass flux
through the interface is defined by the temperature and pressure jumps at the liquid-vapor
interface as follows (Wayner, 1991):
′′ = a (Ti − Tv ) + b ( pl − pv )
mevap

with
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(3-38)

⎛ 2α
a=⎜
⎝ 2 −α

1/2

⎞ ⎛ M ⎞ ⎛ pv Mhlv ⎞
⎟ ⎜
⎟
⎟⎜
⎠ ⎝ 2π RuTi ⎠ ⎝ RuTvTi ⎠
1/2

⎛ 2α ⎞ ⎛ M ⎞ ⎛ Vl pv ⎞
b=⎜
⎟ ⎜
⎟
⎟⎜
⎝ 2 − α ⎠ ⎝ 2π RuTi ⎠ ⎝ RuTi ⎠

(3-39)

where α is the accommodation coefficient, M is the liquid molecular weight, Ru is the
universal gas constant, Ti is the interfacial temperature, pv is the saturated pressure at Tv , hlv is
the latent of vaporization per unit mass at Ti , and Vl is the liquid molar volume at Ti . The
interfacial heat flux due to heat conduction through the liquid thin film is equal to the wall heat
′′ hlv 2π ( R − δ ) . The interfacial temperature, Ti , for constant wall
flux; − qw′′ ( 2π R ) = mevap

temperature, can be obtained by combining Eqs. (3-5), (3-29), (3-32), and (3-38) as follows:
Ti =

klTw G + aTv + bσ K

(

kl G + a + b ρl Rg ln Aδ B

)

(3-40)

with G = hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦ . For constant heat flux, the interfacial heat flux
approximately equals the wall heat flux. Therefore, the interfacial temperature is

Ti =

qw′′
R
+ aTv + bσ K
hlv ( R − δ )
a + b ρl Rg ln ⎡⎣ Aδ B ⎤⎦

(3-41)

3.2.9 Mean Velocities of Liquid and Vapor Phases

For steady state evaporation, total mass flow rate at any position in the evaporation region
must be constant which requires,
mt = ml , z + mv , z

(3-42)

where ml , z and mv , z are the liquid and vapor mass flow rates, respectively, in the evaporation
region defined by,
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ml , z = − ρl ul Al = − ρl ,0ul ,0 Al ,0 +

Q( z )
hlv

(3-43)

Q( z )
hlv

(3-44)

mv , z = − ρvuv Av = − ρv ,0uv ,0 Av ,0 −

2
2
where Av = π ( R − δ ) is the cross-sectional area of the vapor, Al = π ⎡ R 2 − ( R − δ ) ⎤ is the
⎣
⎦

cross-sectional area of the liquid.
The mean velocities of liquid of vapor phases are
ul , z =

− ml , z
2
π ⎡ R 2 − ( R − δ ) ⎤ ρl

⎣

uv , z =

(3-45)

⎦

−mv , z

π ( R − δ ) ρv
2

(3-46)

The evaporative mass flux satisfies the mass continuity at the liquid-vapor interface

′′ = − ρl vl ,i = − ρv vv ,i
mevap

(3-47)

where vl ,i and vv ,i are the blowing velocities due to vaporization at the liquid-vapor interface and
take a negative sign. The evaporative mass flux can be defined by
′′ =
mevap

1
dQ
2π ( R − δ ) hlv dz

(3-48)

The blowing velocity can be obtained from Eq. (3-47) and Eq. (3-48) as follows:
vv ,i = −

1
dQ
2π ( R − δ ) ρv hlv dz

(3-49)

3.3 Solution Procedures

The fluid flow and heat transfer of microchannel flow with constant wall temperature and
constant heat flux have been investigated by solving the eight first-order differential governing
equations, Eqs (3-7), (3-15), (3-17), (3-19), (3-20), (3-36), and (3-37), including eight variables:
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Q, pl , pv , ρ v , Tv , δ , Δ , η . To solve the governing equations, the eight boundary conditions at
z = 0 are needed as follows:

δ = δ0

(3-50)

Δ = 0 and η = 0

(3-51)

Q=0

(3-52)

Tv = Tv ,o

(3-53)

pv = psat (Tv ,o )

(3-54)

pl = pv −

ρv =

σ
R − δ0

− pd

pv
Rg Tv

(3-55)
(3-56)

The gradient of addition heat Eq. (3-8) instead of Eq. (3-7) has been solved with Eqs.
(3-15), (3-17), (3-19), (3-20), (3-36), and (3-37) for constant heat flux. The governing equations
with the boundary conditions given by Eqs. (3-50) - (3-56) have been simultaneously solved by
using fourth-order Runge-Kutta method. With additional conditions,

dpl dpv dpd
,
≈
= 0,
dz
dz dz

dT
dA
dQ
= 0 , i = 0 , v = 0 , vv ,i = 0 at z = 0 , the initial liquid film thickness δ 0 has been obtained
dz
dz
dz

before starting the numerical procedure as shown in Figure 3-4.
For constant heat flux, the constant wall heat flux along the circular tube has been obtained
from the energy balance as shown in Figure 3-3.
qw′′ =

′′ AHS
qHS
N (π DLt )

(3-57)

′′ is the heat flux imposed on the heat sink,
where N is the total number of the microchannel, qHS
AHS is the heated surface area, and Lt is the total length of the microchannel. The wall
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temperature Tw at z=0 is an unknown variable and should be first obtained before solving the
governing equations. Therefore, the initial wall temperature at z=0 has been obtained from the
energy balance for the unit channel with the saturated temperature Tsat

′′ W
qHS
hc 2π R

Tw,0 = Tsat +

(3-58)

where W is the width of unit channel, hc is the heat transfer coefficient between the channel
walls and the fluid. In this study, the heat transfer coefficient correlation proposed by Kandlikar
and Balasubramanian (2004) was used to obtain the initial wall temperature because the
correlation showed good agreement with experimental data of water flow boiling in
microchannels. The heat sink temperature can be obtained from one-dimensional heat conduction
between the channel bottom and the heat sink

′′ H w
qHS
ks

THS = Tw,0 +

(3-59)

where H w is the distance from the heat sink bottom wall to the microchannel bottom wall and k s
is the thermal conductivity of the heat sink.
The liquid mass flow rate at z=0 for constant wall temperature and heat flux can be
obtained from the mass balance based on Eqs. (3-43) and (3-44)
ml ,o = ml

z = L2 φ

−

Qevap
hlv

(3-60)

where ml , L2φ should be equal to total mass flow rate mt . The liquid velocity at the end of twophase region is
ul

z = L2φ

=−

mt
ρl π R 2

(3-61)

The mean velocity of vapor at z=0 can be obtained from the mass balance as follows:
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uv ,0 =

− mv ,0

π ( R − δ 0 ) ρv
2

(3-62)

The disjoining pressure, pd , can be estimated from Eq. (3-32) and the blowing velocity,
vv ,i , has been given by Eq. (3-49). The liquid temperature, Tl , given by Eq. (3-26) has been

solved with the liquid film thickness δ , the wall temperature Tw , and the interfacial temperature
Ti . The interfacial temperature of Eq. (3-40) or Eq. (3-41) for the constant wall temperature and

the constant heat flux has been estimated by using the root finding method at every point along
the axial direction until the tolerance approaches to 1×10−6 . After obtaining the liquid film
thickness δ and the total heat transfer rate Q ( z ) , the mass flow rates and velocities of the liquid
and vapor phases have been obtained from Eqs. (3-43) - (3-44), and Eqs. (3-45) - (3-46),
respectively.
The previous iteration values of first-order derivatives have been used to obtain the values

′′ and the
of first-order derivatives for every marching step. The evaporative mass flux mevap
blowing velocities vv ,i with Eq. (3-7) or Eq. (3-8) have been solved from Eq. (3-48) and Eq.
(3-49), respectively. The solution procedure has been iterated until the film thickness approaches
to the radius of the microchannel or the mass balance is satisfied as shown in Figure 3-4.
3.4 Results and Discussion

A numerical code was developed to implement the physical model and was used to obtain
the solutions. The mainly objectives of this study were to investigate the heat transfer and
pressure drop in microchannel heat sinks with boiling. Water used as the working fluid. The
presented results in this study were compared with the experimental data conducted by Qu and
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Mudawar (2004). Numerical solutions were obtained for annular film evaporation of water as the
working fluid with constant wall temperature and constant heat flux.
3.4.1 Constant Heat Flux

The two-phase flow and heat transfer characteristics were numerically studies in a
microchannel with a hydraulic diameter of 348 μm. For different heat fluxes, the results of the
liquid film thickness, the pressure drop of the liquid and vapor phases, and the heat transfer
coefficient at the liquid-vapor interface were obtained at different inlet temperatures with Tsat =
380.73 K: Tin = 30 °C and mt = 3.840 ×10−5 kg / s .
The effects of heat flux on the liquid film thickness are shown in Figure 3-5. The results
show that the liquid film thickness initially increases along the axial direction and then sharply
increases. The main reason is the increased total heat transfer rate through the liquid-vapor
interface with the increased heat flux. It leads to increasing the liquid pressure gradient which
results in increasing the liquid film gradient given by Eq. (3-37). As the heat flux increase, the
evaporative mass flux at the liquid-vapor interface sharply increases. It causes the liquid film
thickness to drastically increase. The length of the liquid film thickness becomes smaller with
increasing the heat flux. It is because of higher heat flux resulted in higher evaporation rates.
The effects of heat flux on the evaporative mass flux are presented in Figure 3-6. It is
found that the evaporative mass flux increases as the imposed heat flux increases. The
evaporative mass flux sharply increases at qw′′ = 1.043MW/m2. It leads to decreasing the
evaporating length of the liquid thin film and the liquid thin film thickness. As the total heat
transfer rate through the liquid-vapor interface increases with the imposed heat flux, the liquid
pressure gradient increases to maintain the mass flow rate in the liquid film. It leads to sharply
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increasing the liquid film thickness and, given by Eq. (3-48), the evaporative mass flux affected
by the liquid film thickness and total heat transfer gradient becomes larger.
Figure 3-7 shows the gradient of liquid pressure for different heat fluxes. The maximum
liquid pressure gradient increases as the heat flux increases. The reason is that more liquid mass
flow rate from the bulk region to the evaporating region is required to maintain the mass balance
due to the increased evaporative mass flux. The larger liquid pressure gradient provides more
mass flow into the evaporating thin film region to be continuously vaporized. Also, it is found
that the liquid pressure gradient does not change as the capillary pressure increases. It means that
the heat transfer through the liquid-vapor interface is dominant in evaporating thin film region
rather than in the extensive meniscus region governed by the capillary pressure only. The results
are in good agreement with ones of Wee et al. (2005).
The pressure difference of the liquid and vapor phases along the axial direction is shown in
Figure 3-8. The magnitude of the liquid and vapor pressure increases along the axial directions.
The liquid pressure is affected by the interfacial shear stress and the surface tension effects as
indicated in Eq. (3-15). The liquid pressure sharply increases in the evaporating region and
remains unchanged in the extensive meniscus region as shown in Figure 3-8A and the vapor
pressure sharply increases at the end of two phase region as illustrated in Figure 3-8B. The
sharply increased vapor pressure results from the interfacial shear stress as indicated in Eq.
(3-17). Although the vapor pressure change is very smaller than that of the liquid pressure, the
vapor pressure may not be ignored due to the effects of the interfacial shear stress. The results
point out that the effect of the liquid pressure plays a significant role in the mass flux exchange
through the liquid-vapor interface rather than the vapor pressure.
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The mean velocity variations of the liquid and vapor phases are shown in Figure 3-9 and
Figure 3-10. The mean velocities of the liquid and vapor phases are obtained from Eqs. (3-45)
and (3-46). While the mean velocity of the liquid phase approaches the inlet velocity, - 0.420
m/s, as illustrated in Figure 3-9, the vapor mean velocity abruptly drops as the liquid film
thickness sharply increases along the axial direction as shown in Figure 3-10. The magnitude of
mean velocities of liquid and vapor phases increases slowly along the axial direction. They
increase sharply toward the extensive meniscus region. The reason is that the liquid film
thickness drastically increases in this region. It leads to the fact that the magnitude of the vapor
velocity is higher than that of the liquid velocity.
The interfacial shear stress variations at different heat fluxes are shown in Figure 3-11. The
results show that the interfacial shear stress increases as the heat flux increases. The interfacial
shear stress mainly affects the vapor pressure gradient as indicated in Eq. (3-17). The abruptly
increased interfacial shear stress affects the liquid film shape and results in the increasing vapor
pressure.
Figure 3-12 shows the interfacial temperature variations with different heat flux. The
interfacial temperature is mainly affected by the capillary pressure and disjoining pressure based
on Eq. (3-41) and decreases along the axial direction due to the increased liquid film thickness. It
is caused by the increasing capillary pressure and the decreasing disjoining pressure which result
in the sharply dropping interfacial temperature.
Figure 3-13 shows the comparison of the wall temperature obtained from the numerical
results to the experimental results (Qu and Mudawar, 2004). The calculated wall temperature
was used to the initial wall temperature at z = 0. The discrepancies between the predicted values
and the experimental results of heat sink bottom temperature at q′′ = 87.9W / cm 2 and
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240W / cm 2 are 0.56 % and 0.17 %, respectively. The numerical results using the predicted
initial wall temperature may be valid.
The effects of heat flux on the local heat transfer coefficients are shown in Figure 3-14.
The local heat transfer coefficient can be obtained by
hc , z =

kl
R ln ⎡⎣ R / ( R − δ ) ⎤⎦

(3-63)

The result shows that with increasing heat flux, the maximum value of the heat transfer
coefficient increases. The local heat transfer coefficient is larger in the evaporating thin film
region, while it becomes smaller as the liquid film thickness is larger. The reason is that the
thermal resistance increases as the liquid film thickness increases. The liquid film thickness
decreases in the evaporating thin film region with increased wall temperature resulted from the
inlet temperature increased. It leads to decreasing the thermal resistance which causes higher
heat transfer coefficient. The results point out that most evaporation through the liquid-vapor
interface occurs in the evaporating thin film region rather than in the meniscus region.
Figure 3-15 presents the average heat transfer coefficient with different heat flux. It is
shown that as the heat flux increases, the average heat transfer coefficient increases. The reason
is that the increased heat flux results in increasing the evaporative mass flux at the liquid-vapor
interface. The increased evaporative mass flux decreases the liquid film thickness and the length
of the evaporating region. Thus, the change of the liquid film thickness caused by the imposed
heat flux leads to the change of the heat transfer coefficient. Figure 3-16 shows the heat transfer
coefficient with thermodynamic equilibrium quality. The result shows that the heat transfer
coefficient increases with increasing quality. The current results are in good agreement with the
heat transfer coefficient correlation proposed by Kandlikar and Balasubramanian (2004), while
being in poor agreement with the experimental results by Qu and Mudawar (2004). Their results
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showed that the heat transfer coefficient decreases with increasing thermodynamic equilibrium
quality. They considered a large number of liquid droplets entrained into a vapor core, while a
pure vapor phase without liquid droplets was considered in the current model. The entrainment
of the liquid droplets into the vapor core may increase the liquid film thickness. The increased
liquid film thickness due to the entrainment of the liquid droplets in the vapor phase causes
thermal resistance to increase and then it leads to decreasing the heat transfer coefficient with
increasing thermodynamic equilibrium quality.
3.4.2 Constant Wall Temperature

The transport phenomena through the liquid-vapor interface in a microchannel having a
hydraulic diameter of 348 μm have been numerically investigated for different wall temperatures
at Tsat = 380.73 K and mt = 3.823 ×10−5 kg / s .
For water as the working fluid, the effects of constant wall temperature on the liquid film
thickness are shown in Figure 3-17. The liquid film thickness initially increases along the axial
direction and then sharply increases. It is mainly due to the larger gradient of the liquid pressure
based on Eq. (3-37). The larger gradient of the liquid pressure causes the liquid film thickness to
increases to maintain the mass balance from the bulk liquid into the liquid film. The length of the
liquid film thickness decreases with increasing the wall temperature. The results are primarily
due to the higher wall temperature resulted in higher evaporative mass flux. It leads to decreasing
the length of the evaporating thin film.
The effects of constant wall temperature on the evaporative mass flux are presented in
Figure 3-18. The evaporative mass flux can be obtained from Eq. (3-48). The maximum
evaporative mass flux exists within the evaporating thin film region. The maximum location
approximately corresponds to the location of the maximum liquid pressure gradients shown in
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Figure 3-19. The evaporation through the liquid-vapor interface is facilitated by the increased
wall temperature. With increased evaporative mass flux, more liquid mass flow is required to
maintain the mass balance in the liquid film.
Figure 3-19 shows the gradient of liquid pressure based on Eq. (3-15) for different wall
temperature. It is shown that the maximum liquid pressure gradient increases with increasing the
wall temperature. The reason is that as the evaporative mass flux increases by the increased wall
temperature, the liquid pressure gradient becomes larger to provide more mass flow into the
liquid film.
The pressure difference of the liquid and vapor phases along the axial direction is shown in
Figure 3-20. The magnitude of the liquid and vapor pressure increases along the axial directions.
The liquid pressure is affected by the interfacial shear stress and the surface tension effects as
indicated in Eq. (3-15). The liquid pressure sharply increases in the evaporating region and
remains unchanged in the meniscus region as shown in Figure 3-20A and the vapor pressure
sharply increases at the end of the extensive meniscus region as illustrated in Figure 3-20B. The
sharply increased vapor pressure results from the interfacial shear stress given by Eq. (3-17).
Although the change of the vapor pressure is very smaller than of the liquid phase, the vapor
pressure cannot be ignored due to the effects of the interfacial shear stress. It is shown that the
effect of the liquid pressure is dominant in the mass transfer through the liquid-vapor interface
rather than that of the vapor pressure.
The mean velocity variations of the liquid and vapor phase are shown in Figure 3-21 and
Figure 3-22. The mean velocities of liquid and vapor phases are obtained from Eqs. (3-45) and
(3-46). While the mean velocity of the liquid phase approaches the inlet velocity, - 0.420 m/s, as
depicted in Figure 3-21, the vapor mean velocity sharply drops as the liquid film thickness
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significantly increases along the axial direction as illustrated in Figure 3-22. The magnitude of
mean velocities of the liquid and vapor phases slowly increases along the axial direction and
increases sharply toward the extensive meniscus region. The reason is that the liquid film
thickness drastically increases in this region. It leads to the fact that the magnitude of the vapor
velocity is much higher than that of the liquid velocity.
The interfacial shear stress distributions at different wall temperatures are shown in Figure
3-23. The results indicate that the interfacial shear stress increases as the wall temperature
increases. The interfacial shear stress mainly affects the vapor pressure gradient as indicated in
Eq. (3-17). The sharp change of interfacial shear stress affects the liquid film shape and results in
the increasing vapor pressure.
Figure 3-24 illustrates the interfacial temperature variations with different wall
temperatures. The interfacial temperature is mainly affected by the capillary pressure and
disjoining pressure based on Eq. (3-40). It decreases along the axial direction as the liquid film
thickness increases. It is caused by the increasing capillary pressure and the decreasing disjoining
pressure.
Figure 3-25 shows the local heat transfer coefficient with increasing wall temperature. The
local heat transfer coefficient can be obtained by
hc , z =

kl
R ln ⎡⎣ R / ( R − δ ) ⎤⎦

(3-64)

As the wall temperature increases, the maximum value of heat transfer coefficient increases. The
local heat transfer coefficient is very large value in thin film region, while that in the extensive
meniscus region is very small. The reason is that the heat transfer coefficient decreases as the
thermal resistance increases because the liquid film thickness increases based on Eq. (3-64).
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The average heat transfer coefficient profiles with different wall temperatures are shown in
Figure 3-26. It is shown that as the wall temperature increases, the average heat transfer
coefficient increases. The increased wall temperature results in the increased evaporative mass
flux at the liquid-vapor interface. It causes the liquid film thickness and the length of evaporating
region to decrease. The heat transfer is facilitated by the decreased thermal resistance and liquid
film thickness.
3.4.3 Pressure Drop

Calculations based on the current model were performed to generate results for comparison
with the experimental results of Qu and Mudawar (2004) where different heat flux with
G = 400.1kg / m 2 s and 401.9kg / m 2 s were used in the experiment used by microchannels heat

sinks as shown in Figure 3-27. They used rectangular microchannels comprising twenty one
channels covering a heated area of 4.48 cm2. Each channel is 4.48 cm long with a hydraulic
diameter of 348 μm. The deionized water enters the channels at 30 oC and 60 oC with the same
mass velocity and the outlet pressure maintains 117 kPa.
The thermodynamic equilibrium quality can be obtained from
xeq =

qw′′ Pw Lb
ml ,ch hlv

(3-65)

′′ AHS NAs , Lb is the length of two-phase region, Pw is heated
where the wall heat flux qw′′ = qHS
perimeter per channel and ml ,ch is the mass flow rate per channel. The length of two-phase region
can be obtained from
Lb = Lt −

ml ,ch c p ,l (Tsat − Tin )
qw′′ Pw

Total pressure drop in microchannel can be obtained by

82

(3-66)

Δptotal = Δpsp + Δptp + Δpo

(3-67)

where Δpsp is single phase pressure drop due to frictional force and accelerational force caused
by specific volume change , Δptp is two phase pressure drop due to wall frictional force and
accelerational force caused by phase change, and Δpo is the pressure drop of the outlet region.
To compare the pressure drop of the current model and the experimental data of Qu and
Mudawar, the single phase pressure drop before nucleate boiling has been obtained by the
general pressure drop relation (Carey, 1992).
Figure 3-28 shows the comparison of pressure drops for the respective maximum pressure
drop for different heat flux for the same mass velocity. Qu and Mudawar (2004) reported
maximum pressure drops of 6.62 kPa at 155.5 W/cm2, 12.04 kPa at 202.97 W/cm2, and 17.35
kPa at 240 W/cm2 for G = 400.1kg / m 2 s and Tin = 30 oC. The deviation of pressure drops
′′ = 142.71W / cm 2 and
between the current model and the experimental result at qeff
′′ = 240.0W / cm 2 is 21.26 % and 33.13 %, respectively, as shown in Figure 3-28A. The
qeff

comparison of pressure drops for G = 401.9kg / m 2 s and Tin = 60 oC is shown in Figure 3-28B.
′′ = 99.54W / cm 2 and qeff
′′ = 204.39W / cm 2 are 4.10
The reported maximum pressure drops for qeff

kPa and 17.38 kPa, respectively. The discrepancy between the current model and the
′′ = 99.54W / cm 2 and qeff
′′ = 204.39W / cm 2 is 25.28 % and 39.16 %,
experimental results for qeff

respectively. This difference may mainly result in the microchannel geometry and the heated
region. It may be caused by the fact that the contraction pressure losses and expansion pressure
recoveries in the plenums are ignored in the current model. Although the used geometry of a
microchannel is different, the results show that the calculated pressure drop using the current
model is approximately close to the experimental results of Qu and Mudawar (2004). The current
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model considering the surface tension effects will provide the good information for the pressure
drop in microchannel heat sinks rather than two-phase separated model used in the
microchannels in which the surface tension does not play critical role.
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q′′

ml ,in
Tl ,in

Figure 3-1. Physical model for evaporation phenomena through the liquid-vapor interface in a
microchannel.

δ0
L2φ
L2φ
Figure 3-2. Geometry and coordinate system used in a numerical simulation.

W
Lt
z

Hch
sink
Heat

Hw

′′
qHS
Figure 3-3. Microchannel heat sink unit cell used in a numerical simulation.
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Read Tw , Tcool , Tsat , Tv , Qin , D, mt

Calculate thermophysical properties
and initial conditions
Calculate the initial film thickness
Set Boundary Conditions
Calculate
δ , Δ, pl , pv , pd , Q, Tv , ρv
No

Tw = const

Yes
Calculate Ti , Tl , hc

Recalculate thermophysical properties

Calculate ml , mv , ul , uv
Calculate the first order derivatives,
the evaporative mass flux, the blowing
velocity, and shear stress
No

δ ≈R
Yes
End

Figure 3-4. Solution procedure for obtaining unknown variables.
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Figure 3-7. Liquid pressure gradient variations at different heat fluxes.
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Figure 3-8. Effects of heat flux on pressure difference along the axial direction. A) Liquid phase.
B) Vapor phase.
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89

0

Vapor mean velocity (m/s)

-100

-200

-300

-400

2

qw = 0.652 MW/m
2
qw = 0.782 MW/m
2
qw = 0.869 MW/m
2
qw = 1.043 MW/m

-500

-600

0

2

4

6

z (μm)

8

10

12

14
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Figure 3-15. Average heat transfer coefficient variations with various heat fluxes.

92

Current model
Kandlikar's correlation

2

Heat transfer coefficient (kW/m K)

100

80

60

40

Channel exit
o
Tin=30 C
-5

mass flow rate = 3.823x10 kg/s
20
0.00

0.04

0.08

0.12

0.16

0.20

Thermodynamic equilibrium quality
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Figure 3-17. Liquid film thickness variations for different wall temperatures.
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Figure 3-19. Liquid pressure gradient variations for different wall temperatures.

94

4000

Tw = 391.24 K

-5

mass flow rate = 3.823x10 kg/s

Tw = 391.91 K
3000

Tw = 392.32 K

Δpl (Pa)

Tw = 393.06 K
2000

1000

0
0

20

40

60

80

100

120

z (μm)

A
1000
-5

Tw = 391.24 K

mass flow rate = 3.823x10 kg/s

Tw = 391.91 K

800

Tw = 392.32 K
Tw = 393.06 K

Δpv (Pa)

600

400

200

0

0

20

40

60

80

100

120

z (μm)

B
Figure 3-20. Effects of wall temperature on pressure difference along the axial direction. A)
Liquid phase. B) Vapor phase.
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Figure 3-22. Mean velocity profiles of the vapor phase at different wall temperatures.
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Figure 3-24. Interfacial temperature profiles for different wall temperatures.
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CHAPTER 4
NUMERICAL SIMULATION OF FORCED CONVECTIVE BOILING IN A
MICROCHANNEL
Heterogeneous boiling is a phase-change process which produces vapor bubbles on a
heated surface in a superheated liquid and results in a highly efficient heat transfer behavior. It
occurs in many applications in power generation industries, electronic cooling systems, and heat
exchangers, etc. Recently, importance of boiling heat transfer in a microchannel becomes
increasingly stressed due to high heat dissipation rates with the emergence of micro- and nanoelectromechanical systems. The recent studies have investigated high heat transfer performance
of flow boiling in microchannels (Zhang et al. 2000; Jiang et al., 2001; Wu et al., 2006).
However, a number of researches focused on the experiments with various geometries and
different operational conditions to analyze bubble dynamics such as onset of nucleate boiling,
bubble growth and departure. In addition, physical understanding of bubble dynamics under
convective flow boiling in a microchannel is still limited because of the complexities of twophase flow boiling in a confined space.
In this chapter, a numerical simulation method of two-phase flow boiling in a microchannel has been developed to investigate the physical phenomena of bubble dynamics and heat
transfer. This simulation technique uses a finite-volume numerical method in conjunction with
the Volume of Fluid (VOF) algorithm for tracking the moving and changing liquid-vapor
interface associated with bubbles in the two-phase flow. The obtained results have been
compared to the experimental data in the open literature.
4.1 Background and Literature Review

Bubble dynamics should be analyzed to predict and understand the fundamental nature of
flow boiling heat transfer in channel flows. When nucleate boiling is first initiated on a heated
surface, bubble growth is mainly governed by the momentum exchange between the bubble and
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liquid. After the initial stage of the bubble growth, the bubble is growing basically due to
considerable evaporation through the liquid-vapor interface. The latent of vaporization is
provided by the heat diffusion from the liquid near the liquid-vapor interface. Thus, the majority
of the ebullition process is primarily controlled by the heat and mass diffusion.
Ebullition process of bubble nucleation, growth, and departure from a heated surface is
shown in Figure 4-1. Bubble growth on a heated surface is much more complicated due to a
thermal boundary layer near the wall. Before bubble grows, the bubble may stay on a cavity
mouth until the thermal boundary layer is established. Hsu (1962) noted that the liquid
temperature at the bubble tip is higher than the vapor temperature inside bubble in the thermal
boundary layer. The bubble in the cavity will rapidly grow when a bubble growth criterion is
satisfied. Evaporation rate at the liquid-vapor interface may be non-uniform during the bubble
growth. It becomes larger near the heating wall and smaller near the bubble tip. A microlayer
beneath a bubble is created by the initially rapid bubble growth in a conventional channel
(Moore and Mesler, 1961). The evaporation within the microlayer has a significant effect on
bubble growth from a heated wall.
A bubble departs from a heated surface after it grows to a certain size. For flow boiling in a
conventional channel, the major forces acting on a bubble include buoyancy, inertia, surface
tension, and drag forces. Inertial and surface tension forces tend to attach the bubble to the wall,
while as the bubble becomes larger, the detachment of the bubble from the wall is governed by
buoyancy, drag and lift forces. The bubble detaches from the wall when the lifting effects
become large enough to overcome the retaining effects of inertia and surface tension forces at the
contact line. A number of researches have analytically and experimentally studied bubble
dynamics of boiling in conventional channels in the past years, while fewer studies of flow
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boiling in microchannels are considered in past years (Hapke et al., 2000; Qu and Mudawar,
2002; Wu and Cheng 2003c; Li and Peterson, 2005; Kuo et al., 2006).
4.1.1 Onset of Nucleate Boiling (ONB)

In forced flow boiling, the onset of nucleate boiling represents the initiation of nucleate
boiling. The first occurrence of bubbles distinguishes the transition from a single-phase to a twophase flow regime. The transition causes the significant change of heat transfer and pressure
drop. Thus, prediction of the ONB is of important factors to understand flow boiling phenomena.
A number of studies for the ONB model in conventional channels were conducted in the
past decades. Hsu (1962) first proposed a minimum superheat criterion for the ONB in pool
boiling as follows:

′′
qONB

k h ρ (T − T )
= l lv v w sat
12.8σ Tsat

2

(4-1)

He assumed that the bubble nucleus would grow only if the minimum temperature surrounding
the bubble is equal to the saturation temperature of the vapor inside the bubble. Sato and
Matsumura (1963) proposed the heat flux for the ONB in terms of wall superheat:

′′
qONB

k h ρ (T − T )
= l lv v w sat
8σ Tsat

2

(4-2)

Bergles and Rohsenow (1964) extended Hsu’s model and proposed a graphical solution to
predict the incipient heat flux in flow boiling:
′′ = 1082 p1.156 ⎡⎣1.8 (Tw − Tsat ) ⎤⎦
qONB

2.16 p 0.0234

(4-3)

Hino and Ueda (1985) proposed the incipient heat flux of the ONB in terms of a cavity
size:
′′ =
qONB

kl
rc ,max

ΔTsat ,ONB −

103

2σ klTsat vlv
hlv rc2,max

(4-4)

The cavity size can be obtained from (Collier and Thome, 1994):
1/ 2

rc ,crit

⎛ 2σ Tsat kl ⎞
=⎜
⎟
′′ ⎠
⎝ hlv qONB

(4-5)

Davis and Anderson (1966) provided an analytical model of the approach of Bergles and
Rohsenow (1964), and introduced the contact angle as a variable in the prediction of ONB.
kl hlv ρv (Tw − Tsat )
8 (1 + cos θ ) σ Tsat

2

′′ =
qONB

(4-6)

Kandlikar et al. (1997) numerically computed the temperature at the location of the
stagnation point around the bubble, which was used as the minimum temperature in the ONB
criterion:

′′
qONB

k h ρ (T − T )
= l lv v w sat
8.8σ Tsat

2

(4-7)

Celata et al. (1997) investigated the onset of subcooled boiling in the forced convective
flow of water and recommended Thom’s correlation (1965) for its good match with the
experimental data:

′′ = 0.00195 (Tw − Tsat ) exp ( 0.023 p )
qONB
2

(4-8)

Basu et al (2002) postulated the dependence of the available cavity size on the contact
angle and proposed a correlation for the incipient heat flux:
′′ = hsp (Tw − Tsat ) + hsp (Tsat − Tl )
qONB

(4-9)

The onset of boiling in minichannels and microchannels has been studied by several
investigators in recent years. Ghiaasiaan and Chedester (2002) proposed a semi-empirical
method to predict the ONB in turbulent flow in microtubes. Qu and Mudawar (2002) measured
the incipient boiling heat flux in a microchannel heat sink and developed a mechanistic model to
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incorporate both mechanical and thermal considerations. Li and Cheng (2004) employed
nucleation kinetics to derive the wall superheat at the ONB, and included a consideration of the
effects of contact angle, dissolved gas, and the existence of microcavities and corners in the
microchannels on ONB. Lee et al. (2004) investigated bubble dynamics in a single microchannel.
They used the ONB model proposed by Hino and Ueda (1985) to estimate the incipient heat flux.
Li et al. (2004) experimentally studied the bubbly dynamics in two parallel trapezoidal
microchannels. The ONB of nucleate boiling in a microchannel heat sink was experimentally
studied by Liu et al. (2005). They also developed an analytical model to predict the incipient heat
flux and the bubble size at the ONB.
4.1.2 Bubble Departure Diameter

Bubble departure diameter on a nucleation site has been predicted by several correlations.
Fritz (1935) suggested the departure diameter correlated with the buoyancy and surface tension
forces as follows:
Dd = 0.0208φ

σ

g ( ρl − ρ v )

(4-10)

where φ is the contact angle. Cole and Rohsenow (1969) proposed the bubble departure
diameter with a modified Jakob number:
Dd =

σ Eo
g ( ρl − ρ v )

(4-11)

with
Eo = ( C × Ja*5 4 )
Ja* =

ρl c plTsat
ρv hlv

105

2

(4-12)
(4-13)

where the coefficient C is 1.5 ×10−4 for water and 4.65 ×10−4 for other liquids.
Kocamustafaogullari (1983) proposed the bubble diameter at departure including highpressure data:
Dd = 2.64 × 10

−5

⎛ ρl − ρ v ⎞
⎜
⎟
g ( ρl − ρ v ) ⎝ ρ v ⎠

σ

0.9

(4-14)

Gorenflo et al. (1986) suggested the correlation of the departure diameter of bubble with
thermal diffusivity of liquid and the Jakob number at high heat fluxes as

⎛ Ja 4α l2 ⎞ ⎡
2π ⎤
Dd = C1 ⎜
⎥
⎟ ⎢1 + 1 +
3Ja ⎦
⎝ g ⎠⎣

43

(4-15)

where C1 has different values for different liquids and the Jakob number Ja is defined by
Ja =

ρl c pl (Tw − Tsat )
ρv hlv

(4-16)

4.1.3 Bubble Departure Frequency

The complete process of liquid heating, nucleation, bubble growth, and departure referred
to as the bubble ebullition process is the main mechanism of heat transfer from a superheated
wall during nucleate boiling. The bubble growth rates tend to be related to the departure diameter
and frequency of release. The inverse of the frequency of release equals to the sum of the waiting
time, tw , and growth time, t g as shown Figure 4-2.
1
= tw + t g
f

(4-17)

The waiting time and growth time is difficult to determine quantitatively. The waiting time
depends on the temperature fields on a heated surface and in the liquid near the nucleation site;
the growth time, however, depends on the evaporation rate at the bubble base, around the bubble,
and the bubble diameter at departure.
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The frequency of bubble release in a conventional channel correlates with the departure
diameter as follows:
fDd = const.

(4-18)

The predictive relations of the bubble frequency of release on a heated wall have been developed
by several researchers (Jakob and Fritz, 1931; Peebles and Barber, 1953; Zuber, 1963). Peebles
and Barber (1953) suggested the relation as follows :
⎛ t
fDd = 1.18 ⎜ g
⎜t +t
⎝ w g

⎞ ⎡ σ g ( ρl − ρ v ) ⎤
⎟⎟ ⎢
⎥
ρl2
⎦
⎠⎣

14

(4-19)

Zuber (1963) proposed the following relation:

⎡ σ g ( ρl − ρ v ) ⎤
fDd = 0.59 ⎢
⎥
ρl2
⎣
⎦

14

(4-20)

Malenkov (1971) suggested that
fDd =

Ud
⎛
⎞
1
π ⎜1 −
⎟
⎝ 1 + U d ρv hlv q′′ ⎠

(4-21)

where
Ud =

g ( ρl − ρv ) Dd
2σ
+
Dd ( ρl + ρv )
2 ( ρl + ρ v )

(4-22)

Kennedy et al. (2000) investigated the onset of nucleation boiling and onset of flow
instability in minichannels. Ghiaasiaan and Chedester (2002) examined the applicability of
existing macroscale models on the onset of nucleation boiling in minichannels and proposed a
semi-empirical method. Lee et al. (2004) studied experimentally bubble dynamics in a single
trapezoid microchannel with a hydraulic diameter of 41.3 μm. They pointed out that there are
still not correlations of the prediction of bubble frequency in microchannels. Dhir (1998)

107

conducted a review on various aspects of boiling heat transfer including bubble dynamics such as
bubble growth, bubble departure, and bubble departure frequency. Kandlikar (2002) reviewed
the literature on bubble growth in minichannels.
Bubble behaviors in a microchannel are quite different from those in a macrochannel
during flow boiling heat transfer. Bubble growth in a microchannel is mainly confined by the
channel wall in the stream-wise direction and experiences a very large pressure gradient in that
direction. Thus, the bubble size is limited by the channel size and geometry. The buoyancy force
may be negligible during the bubble departure process. In contrast, the drag force should be very
significant due to a large pressure drop through the channel.
The main objective of this study is to investigate effects of channel size and heat flux on
nucleate boiling. Bubbly dynamics of bubble growth, bubble departure size, and departure
frequency are studied using computational simulation. Periodic flow boiling in a microchannel is
discussed. The results of this study provide fundamental understanding of bubble dynamics and
heat transfer during flow boiling in a microchannel.
4.2 Forced Convection Flow Boiling Numerical Simulation Method

A finite volume method (FVM) has been adopted to discretize the governing equations for
simulating bubble dynamics and heat transfer of forced convective flow boiling in a
microchannel. Heat and mass transfer due to phase change between the liquid and vapor phases
have been identified and the volume of fluid (VOF) algorithm is used to capture the moving
interface between the liquid and vapor phases.
4.2.1 Governing Equations

The VOF method uses the Navier-Stokes equations to simulate the two-phase flow boiling.
The gravitational effects are negligible because the surface effects are dominant compared to
them in a microchannel. The continuity and momentum equations are
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∂ρ
+ ∇i ρV = 0
∂t

( )

(4-23)

( ) + ∇i ρVV = −∇p + ∇i⎡ μ ∇V ⎤ + S
( )
)⎦
⎣ (
∂t

∂ ρV

(4-24)

M

The energy equation is
⎛ ∂T
⎞
+ V i∇T ⎟ = ∇ik ∇T + S E
⎝ ∂t
⎠

ρcp ⎜

(4-25)

The source terms SM and SE which denote interfacial mass, momentum, and energy interfacial
exchange are included to simulate two-phase flow boiling in a microchannel. The source terms
will be discussed in the volume of fluid method.
4.2.2 Numerical Method
4.2.2.1 Finite volume method (FVM)

The finite volume method is reliable and robust by using the conservation laws and
treating the discontinuity at the interface. The finite volume method uses the volume integration
for the conservation equations of mass and momentum, and energy (Eqs. (4-23) - (4-25))
(Patankar, 1980):
ˆ =0
∫ ( ρV ) ⋅ ndS

(4-26)

cs

∂
ˆ + ∫ μ∇V ⋅ ndS
ˆ + ∫ S M dV
∫ ρVdV + CS∫ ρVV ⋅ ndS = −CS∫ pndS
∂t CV
CS
CV

(

)

(

)

∂

∫ ∂t ( ρ c T ) dV + ∫ ( ρ c T ) (V ⋅ nˆ ) dS = ∫ k ( ∇T ⋅ nˆ ) dS + ∫ S
p

CV

p

CS

CS

E

dV

(4-27)

(4-28)

CV

where CV and CS represent the control volume and surface of the control volume, respectively,
and n̂ is the outward normal vector from the control volume. Using the finite volume method,
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the governing integral equations are discretized into the discretized cell to solve the
computational domain numerically as shown in Figure 4-3:

∑ ρV ⋅ A = 0

(4-29)

face

∂
∂t

∑ ρV ΔV + ∑ ρVV ⋅ A = − ∑ p ⋅ A + ∑ μ∇V ⋅ A + S

faces

∂
∂t

faces

faces

∑ ρ c T ΔV + ∑ ρ c TV ⋅ A = ∑ k∇T ⋅ A + S
p

P

faces

faces

M

ΔV

(4-30)

faces

E

ΔV

(4-31)

faces

The discretized equations satisfy the conservation of appropriate properties for each cell.
The scalar values such as pressure and temperature are stored at the cell center (C1, C2, and so
on) and the velocity fields at the cell faces are used because the influence of pressure field is not
properly represented in the momentum equation when the velocity fields are defined at the cell
centered. The nodal values are evaluated by the weighted average values in the surrounding cells.
For example, the value at node 8 is determined from the weighted average of the values in the
surrounding cells (C2, C3, C6, and C7). A first-order implicit scheme is used for advancing the
solutions of the integral governing equations in time.

( ρV )

n +1

( ρc T )
p

( )

= ρV

n +1

n

⎡
⎤
⎢ − ∑ ρVV ⋅ A − ∑ p ⋅ A + ∑ μ∇V ⋅ A + S M ΔV ⎥
faces
faces
⎣ faces
⎦

Δt
+
ΔV

= ( ρ c pT )

n

Δt
+
ΔV

⎡
⎤
⎢ − ∑ ρ cPTV ⋅ A + ∑ k ∇T ⋅ A + S E ΔV ⎥
faces
⎣ faces
⎦

n +1

(4-32)

n +1

(4-33)

where “n” denotes the previous time step and “n+1” current time step.
The convection terms in Eq. (4-32) are discretized using QUICK (Quadratic Upstream
Interpolation for Convective Kinetics) scheme with third-order accuracy due to numerical
diffusion errors of low-order upwind schemes. The diffusion terms are discretized with central
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differencing formula having second-order accurate. The fully implicit scheme with first-order in
time is applied to the time integration since small time steps are used to ensure numerical
accuracy during the simulation. In two-phase flow boiling, the ratio of liquid to vapor is very
large. Thus, pressure interpolation scheme uses the PRESTO (Pressure Staggering Option)
dealing with the discontinuity of pressure gradients for flows with rapidly changing densities at
the liquid-vapor interface. Pressure-velocity coupling calculation uses PISO (Pressure-Implicit
with Splitting of Operators) based on SIMPLE (Semi-Implicit Method for Pressure-Linked
Equations) method (Patankar, 1980). PISO involves one predictor step and two corrector steps to
improve the efficiency of the calculation because the limitation of the SIMPLE and SIMPLEC
(SIMPLE-Consistent) method is that new velocities and corresponding fluxes do not satisfy the
momentum balance after the pressure-correction equations is solved.
The predictor step of PISO solves the momentum equations with the intermediate pressure
field p* to give velocity components u * and v* using the SIMPLE algorithm. When the
correction of the pressure field p* is used, the velocity fields u * and v* satisfies continuity. At
the first corrector step, new corrected values u** and v** are calculated using the pressure
correction p ′ as follows:
p** = p* + p′

(4-34)

u ** = u * + u ′

(4-35)

v** = v* + v′

(4-36)

The second corrector step is solved to obtain the second pressure correction field p′′ and a
twice-corrected pressure field and velocity fields are obtained from:
p*** = p** + p′′ = p* + p′ + p′′
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(4-37)

u *** = u ** + u ′′

(4-38)

v*** = v** + v′′

(4-39)

The calculation will be repeated until the balance is satisfied. The energy equation will be solved
using the corrected pressure and velocity fields. Iterative time-advancement scheme is used for
the time-advancement scheme. All algebraic equations obtained from Eqs. (4-32) and (4-33) are
solved by the line-by-line method using the TDMA (Tri-Diagonal Matrix Algorithm).
For a given time-step, the discretized equations are iteratively solved as follows:

•

Define intermediate V i and T i which are initialized with the current V n and T n .

•

Iteratively solve the implicit equations until the intermediate solutions satisfy the
equations:

( ρV ) = ( ρV )
i

( ρc T )
p

•

n +1

n

+

Δt
F V i , V i −1
ΔV

(

= ( ρ c pT ) +
n

)

i = 1, 2,3,… (i = iteration number)

(4-40)

Δt
F (T i , T i −1 ) i = 1, 2,3,… (i = iteration number) (4-41)
ΔV

The intermediate V i and T i come to be the solution for new time step “n+1” as the
intermediate solutions converge.
The segregated solution method linearizes the discrete, non-linear governing equations to

make a system of equations for the dependent variables in every computational cell and it has a
robustness to solve two-phase flow boiling. The resultant linear system is solved sequentially as
follows:

•

Based on the current solution and/or the initialized solution, fluid properties are updated.

•

The momentum equations are solved using current values for pressure and face mass
fluxed before updating the velocity field.

•

A pressure correction equation is then solved to obtain the corrected pressure and velocity
fields and the face mass, which satisfy the continuity equation; since the velocities
obtained from the previous step may not satisfy the continuity equation, the pressure
correction equation is derived from the continuity and the linearized momentum equations.
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•

The energy equation is solved using the previously updated values of the other variables.

•

These steps are continued until the convergence criteria are met at a current time step.

•

The momentum, energy equations at a new time step are calculated if the convergence
criteria are satisfied.

4.2.2.2 Volume of Fluid (VOF)

A volume of fluid model was chosen to analyze two-phase flow boiling with the motion of
large bubbles in a liquid phase. The VOF technique solves a single set of momentum equations
and determines the interface shape of the two immiscible fluids by tracking the volume fraction

α of each phase in each computational cell. The sum of the volume fraction of both phases is
unity in each control volume. In this model, the vapor phase will be tracked and the volume
fraction of the vapor phase is α v . Each computational cell is within three conditions as follows:

•

α v = 0 : liquid phase only

•

α v = 1 : vapor phase only

•

0 < α v < 1 : two-phase mixtures in the cell
The interface shape between both phases is tracked by solving the continuity equation for

the volume fraction of phases. The continuity equation can be written as follows:
∂
(α v ρv ) + ∇ ⋅ α v ρvV = Sα
∂t

(

)

(4-42)

where α v is the volume fraction for the vapor phase and Sα is the source term which represents
the mass transfer accounting for phase change between the liquid and vapor phases. The volume
fraction equation cannot be solved for the primary phase. In the current model, the liquid phase is
set to be the primary one; thus, the volume fraction of the primary phase can be obtained from

αl = 1 − α v
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(4-43)

The discretized volume fraction equation with the first-order implicit scheme is obtained by
using the finite volume approach:

(α v ρ v )

n +1

= (α v ρ v )

n

⎤
Δt ⎡
+
⎢ − ∑ α v ρvV ⋅ A + Sα ΔV ⎥
ΔV ⎣ faces
⎦

(

)

n +1

(4-44)

Based on the void fraction, a single momentum equation is solved for the entire computational
domain and the resulting velocity field is shared among the phases as follows:
∂
ρV + ∇ ⋅ ρVV = −∇p + ∇ ⋅ μ∇V + ρ g + Fsv
∂t

( )

(

)

(

)

(4-45)

where p is the pressure, g = ( 0, − g ) is the gravitational acceleration, Fsv is the surface tension
force per unit volume and ρ and μ are the density and viscosity. Equation (4-45) depends on
the volume fractions of all phases through the properties ρ and μ . These properties are
obtained by the presence of the computational phases in each control volume. The density and
viscosity at the liquid-vapor interface vary with the volume fraction tracked as follows:

ρ = (1 − α v ) ρl + α v ρv

(4-46)

μ = (1 − α v ) μl + α v μv

(4-47)

The source term in Eq. (4-45) is the surface tension force per unit volume and the gravitational
forces are negligible in current study. The continuum surface force model of Brackbill et al.
(1992) is used in Eq. (4-45). Figure 4-4 shows a typical two-phase cell with an immersed phase
interface. The surface curvature is defined in terms of the divergence of the unit normal vector

K = ∇ ⋅ nˆ

(4-48)

where K is the surface curvature and n̂ is the unit normal vector of the interface given by

nˆ =

n
n
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(4-49)

where n is the surface normal defined as the gradient of α v as
n = ∇α v

(4-50)

Combining Eqs. (4-49) and (4-50) with Eq. (4-48), the curvature of the interface can be rewritten
as
⎛ ∇α v ⎞
K = ∇i⎜⎜
⎟⎟
⎝ ∇α v ⎠

(4-51)

The source term in Eq. (4-45) can be expressed as a volume force as

Fsv = σ

ρ K ∇α v
1 2 ( ρl + ρ v )

(4-52)

where ρ is obtained from Eq. (4-46). The contact angle θw is used to adjust the surface normal in
cells near the wall. It results in the adjustment of the curvature of the surface near the wall. Thus,
the surface normal at the cell near the wall is defined as
nˆ = nˆw cos θ w + tˆw sin θ w

(4-53)

where nˆ w and tˆw are the unit normal and tangential vectors to the wall, respectively, and θw
defines the angle between the wall and the tangent to the interface at the wall. The contact angle
θw measures inside the first phase as shown in Figure 4-5. Eq. (4-53) with the normally
calculated surface normal one cell away from the wall determines the local curvature of the
surface.
To capture the liquid-vapor interface during the simulation, convection and diffusion
fluxes through the control volume faces are calculated and balanced with source terms within the
control volume in the FVM approach. Thus, in the VOF method, the interface is reconstructed at
the beginning of a time step for more accurate simulation of its evolution as shown in Figure 4-6.
When the cell is near the interface between two phases, the geometric reconstruction scheme is
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used. This scheme represents the interface between two phases using a piecewise-linear approach
and uses this linear shape for calculation of the advection of fluid through the cell faces. The
procedures of the scheme are

•

The orientation of the curve within each two-phase cell is determined by Eq.(4-49) and
(4-50).

•

Given the orientation of the planar that represents the interface in a cell, determine the
position d n of the linear interface relative to the center of each two-phase cell based on the
volume fraction of the vapor as shown in Figure 4-4. These steps are often referred to as
the interface reconstruction steps (Rider and Kothe, 1998).

•

The mass fluxes through each face are computed using the linear interface representation
and information about the normal and tangential velocity distribution on the face as shown
in Figure 4-7. Once the mass fluxes are calculated in one direction, the interface is
reconstructed before the fluxes are determined in the other direction.

•

The volume fraction in each cell is determined by using the balance of fluxes calculated
during the previous step.
The energy equation for the mixture is given by
∂
( ρ E ) + ∇ ⋅ ⎡⎣V ( ρ E + p )⎤⎦ = ∇ ⋅ ( k ∇T ) + S E
∂t

(4-54)

where S E is the energy source term, and describes the phase-change due to the latent heat of
vaporization through the liquid-vapor interface and k is the thermal conductivity defined by

k = (1 − α v ) kl + α v kv

(4-55)

The VOF model treats energy and temperature as mass-averaged variables:
n

E=

∑α ρ E
q =1
n

q

q

∑α ρ
q =1

q

q

(4-56)
q

where Eq for each phase is based on the specific heat of that phase and the shared temperature.
The liquid and vapor phase energies are
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El = hl and Ev = hv

(4-57)

where h is the sensible enthalpy of the q th phase defined by
T

hq = ∫ c p ,q dT
Tref

(4-58)

The reference temperature used to calculate the enthalpy of each fluid is 298.15K in Eq. (4-58).
The discretized forms of momentum and energy equation are given by Eqs. (4-32) and (4-33).
The boundary conditions are
u = 0 and v = specified

at 0 ≤ x ≤ L p and y = L p

(4-59)

∂u
∂v
= 0 and
= 0 at Lt − L p ≤ x ≤ Lt and y = Lp
∂x
∂y

(4-60)

pgage = 0 at Lt − Lp ≤ x ≤ Lt and y = Lp

(4-61)

T = Tin at 0 ≤ x ≤ Lp and y = Lp

(4-62)

−k

∂T
′′ at Lp ≤ x ≤ Lt − Lp and y=specified
= qeff
∂y

(4-63)

where Lt is the total length of a microchannel and L p is the plenum length of inlet and outlet.
The boundary conditions at the wall as
u = v = 0 at the wall

(4-64)

∂T
∂T
=0 expect the bottom wall
= 0 and
∂x
∂y

(4-65)

In current study, FLUENT software having a robustness and stability is used to solve the
continuity, volume fraction equation, and momentum and energy equations and to analyze the
forced convective boiling in a microchannel.

117

4.3 Problem Formation and Description

Since extensive computational resources are needed to resolve the forced convection
boiling systems, both two-dimensional and three-dimensional simulations are proposed. As the
two-dimensional simulation is much less demanding in computing times than the threedimensional case, so strategically, the former is used for general physical trends and parametric
evaluations while the latter is adopted for more specific cases such as the flow boiling instability
in a microchannel in Chap. 5.
4.3.1 Two-Dimensional Model

The schematic of the two-dimensional copper microchannel to be investigated in this
chapter is shown in Figure 4-8. The microchannel has a length of 60 mm. The channel
dimensions are listed in Table 4-1. Five different channel heights are used: Hch = 1 mm, 700 μm,
500 μm, 300 μm, and 30 μm. The length to height aspect ratio ranges from 160 to 1,111.
Therefore, the channel length is long enough to provide both entry and fully developed
phenomena. Three constant heat fluxes of 200 kW/m2, 387 kW/m2, and 500 kW/m2 are used and
the constant heat flux condition is placed only at the outside surface of the bottom channel wall
which has a thickness of 3 mm thickness. Initially, subcooled water as the working fluid with a
given inlet temperature of Tin = 30 °C and various velocities in the range of 0.015 m/s to 0.5 m/s
enter from the inlet plenum to the channel inlet. A mixture of liquid-vapor flow leaves the
channel as heat is being added to the working fluid. The thermophysical properties of the
working fluid used in the simulation are listed in Table 4-2.
4.3.2 Numerical Infrastructure

The finite volume algorithm and the VOF method presented and discussed above for
obtaining the simulation solutions are implemented using the Fluent software package. The
computational model was created and meshed using the GAMBIT software available in the
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Fluent package. The grid system and the boundary condition used to simulate the two-phase flow
boiling are illustrated in Figure 4-9A. The grid density of the channel using the fine mesh for Hch
= 30 μm is shown in Figure 4-9B. The model has the similar dimensions as some of the actual
channels in the literature except that the plenum and channel length was modeled. The grid
spacing for each case is in the range of 3 µm to 50 µm to be sufficiently smaller than the bubble
departure diameter. A grid density for each case is given by Table 4-3 and larger meshes are only
used in the portion of inlet and outlet plenums.
The boundary conditions used in the numerical simulation are as follows:
•

At the liquid inlet, the fluid velocities and subcooled temperature are specified and the
volume fraction of the vapor phase αv is set to be zero.

•

At the outlet, the pressure as gauge pressure is set to zero: FLUENT uses internally the
gauge pressure. Absolute pressure is the sum of the operating pressure and the gauge
pressure in FLUENT. In the model, the default value of 1 atm (101.325kPa) is assumed as
the operating pressure and the absolute pressure at the outlet is assumed as 1 atm.

•

No slip condition is assumed on the wall.

•

Surface tension effects are considered and the contact angle θw is specified.

•

Constant heat flux is imposed on the heat sink bottom wall only.

•

The other channel walls are set to an adiabatic condition except the bottom wall in a
microchannel.

•

Mass transfer and phase-change effects through the liquid-vapor interface are included
during the simulation.
The source terms including mass transfer between the liquid and vapor phases and

vaporization through the liquid-vapor interface in Eqs. (4-42) and (4-54) are set up by User
Defined Functions (UDFs). The mass transfer terms for each phase are equal and have opposite
signs:
Sαv = − Sαl
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(4-66)

S E = − Sαv hlv

(4-67)

where Sαl and Sαv denote the mass transfer for each phase through the interface, respectively.
The mass transfer at the onset of nucleate boiling was obtained from the incipient heat flux
proposed by Sato and Matsumura (1963)
Sαl = − (1 − α v )

kl ρv ΔTsat2 ,ONB
8σ Tsat

(4-68)

The wall superheat ΔTsat ,ONB for the onset of boiling and the superheated liquids, ΔTsat for
evaporation through the interface (Kandlikar, 2004) was calculated by
ΔTsat ,ONB =

4σ Tsat vlv hsp ⎡
k h ΔT ⎤
⎢1 + 1 + l lv sub ⎥
2σ Tsat vlv hsp ⎥⎦
kl hlv
⎣⎢

(4-69)

and ΔTsub = Tsat − Tin is the subcooling. Eq. (4-69) can be written in terms of the hydraulic
diameter Dh
ΔTsat ,ONB =

4σ Tsat vlv C ⎡
hlv Dh ΔTsub ⎤
⎢1 + 1 +
⎥
hlv Dh ⎣
2σ Tsat vlvC ⎦

(4-70)

with
Nu =

hsp Dh
kl

=C

(4-71)

where hsp is the single phase heat transfer coefficients. In this study, the fully developed Nusselt
number for a three-side heated rectangular channel was used to obtain the wall superheat at the
onset of boiling (Kandlikar, 2006). Phase change through the interface in superheat liquids was
considered by the empirical model proposed Lee (1979)
Sαl = −C (1 − α v ) ρl
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ΔTsat
Tsat

(4-72)

where C is the relaxation parameter which controls the convergent speed and solution stability.
The solution using the higher relaxation parameter becomes unstable, while using the lower
value may slowly be convergent. The relaxation parameter of 0.6 was used by trial and error to
ensure the stable and fast convergent solution.
The local curvature is determined from the first phase as shown in Figure 4-5. The first
phase is set to be the vapor phase. The contact angle approaching 175o was specified for highlywetting liquids; if the defined contact angle is incorrect, the bubble will not detach from the wall
and instead spread along it. The bubble with the small contact angle slowly moves toward the
downstream under the inertial forces.
The computational procedure including the implementation of the UDFs is shown in
Figure 4-10. The UDFs accounting for vaporization are applied to the onset of boiling and twophase regions. These UDFs were written in C programming language and implemented in the
FLUENT software. A segregated unsteady solver to describe temporal variations of bubbles was
used in the simulation. The PRESTO (pressure staggering option) scheme was used for the
pressure interpolation, the QUICK (Quadratic Interpolation for Convective Kinetics) scheme was
adopted for the momentum and energy equations. The PISO (pressure-implicit with splitting of
operators) scheme was chosen for the pressure-velocity coupling, the Courant number which
defines the ratio of the time step to the cell resistance time was set to be 0.25 for the volume
fraction calculation. The QUICK formulation is third-order accurate which helps to mitigate the
unfavorable effect of artificial diffusion that can occur when using low-order upwind schemes.
The simultaneous computations of the energy and momentum equations require a large number
of iterations and for some cases, one and half month was required to obtain the computational
results.

121

4.4 Results and Discussion
4.4.1 Onset of Nucleate Boiling

Figure 4-11 shows the wall temperature profiles when nucleate boiling first appears near
the upstream region for the channel heights of 1 mm and 700 μm with q′′ = 500 kW/m2 and m =
3.448×10-6 kg/s. Nucleation, for channel heights of 1 mm and 700 μm, occurs at 67 ms and 58.5
ms, respectively. Nucleate boiling first initiates when the wall temperature exceeds the onset of
nucleate boiling superheat value. The wall temperature drops sharply near the nucleation position
and the wall temperature distribution becomes approximately constant in the downstream region
of nucleation site as shown in Figure 4-11A and B. The reason is that when the bubble is
generated on the heated wall, the wall temperature drops due to the large amount of latent heat
consumption for facilitating vaporization. However, in experiments, the position of nucleation is
not easily determined because bubble embryos occurred on the heat surface are extremely small
(Hino and Ueda, 1985). For this reason, the onset of nucleate boiling position has been assumed
to correspond to the position where the wall temperature abruptly decreases by experimental
researchers. However for numerical simulations, the boiling nucleation is readily detected as
shown in Figure 4-15 for the case of Figure 4-11A. The results as illustrated in Figures 4-11A
and B indicate that the wall temperature for Hch = 1 mm is higher than that for Hch = 700 μm at
the given mass flow rate, m = 3.448×10-6 kg/s. The velocities at the microchannel inlet for Hch =
1 mm and 700 μm are 0.015m / s and 0.0214m / s , respectively. Thus, for the case of Hch = 1
mm, the Reynolds number is 20 as compared to 26 for the case of Hch = 700 μm. The lower
Reynolds number results in a higher superheat requirement or higher wall temperature for
nucleation for the case of Hch = 1 mm as evidenced in Figure 4-11. Figure 4-11A shows two
bubbles initiated on the heated wall for Hch = 1 mm, while for Hch = 700 μm, only one bubble
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generated on the heated wall as indicated in Figure 4-11B. The reason is that the higher
convection rate for the case of Hch = 700 μm results in a larger heat removal rate that does not
leave enough heat for supporting a second bubble nucleation. Additionally, since the second
bubble blocks some liquid flow, the wall temperature at the upstream of the bubble immediately
increases as shown in Figure 4-11A for all two bubble formation sites.
Figure 4-12 illustrates the wall temperature profiles when the first bubble occurs in a
microchannel of Hch = 500 μm at q′′ = 500 kW/m2 for two different mass flow rates. The
nucleate boiling initiations for m = 3.448×10-6 kg/s and m = 1.724×10-5 kg/s take place at times
of 53.8 ms and 52 ms, respectively in the downstream region due to higher Reynolds numbers of
33 and 162 at the channel inlet as compared to both of Hch = 1 mm and 700 μm cases. As shown
in Figure 4-12, similar to previous cases, the wall temperature drastically decreases when the
bubble generates on the heated surface due to the vaporization of superheated liquids near the
wall and the transient conduction from the wall to the bulk liquid. The onset of nucleate boiling
location slightly moves toward the channel exit with increasing mass flow rates. The results
show that the wall temperature during nucleation for Hch = 500 μm is lower than those of Hch = 1
mm and 700 μm during the bubble nucleation on the heated wall. It is caused by the higher
convective effects to remove heat more efficiently from the surface than Hch = 1 mm and 700 μm
cases. The higher single-phase heat transfer coefficients for cases of Hch = 500 μm with
Re Dh = 33 and Re Dh = 162 significantly affect the wall temperature levels as compared to the
results of Hch = 1 mm and 700 μm with Re Dh = 20 and Re Dh = 26 , respectively.
The wall temperature variations during incipient boiling for different heat fluxes of q′′ =
387 kW/m2 and 500 kW/m2 for Hch = 300 μm with the same mass flow rate of m = 3.448×10-6
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kg/s are shown in Figure 4-13. The first bubble is observed further downstream region similar to
the case for Hch = 500 μm due to relatively higher Reynolds number, Re Dh = 45 , resulted from
the small channel height. For different heat fluxes with the same mass flow rate and same
channel height, the nucleation time for q′′ = 500 kW/m2 is much shorter than that for q′′ = 387
kW/m2 because more heat conducts from the microchannel bottom wall to the channel wall.
However, the nucleation position remains the same for both cases.
For the smallest channel of Hch = 30 μm at q′′ = 500 kW/m2 and m = 3.448×10-6 kg/s, the
nucleation phenomenon is more wide spread spontaneously as many sites become active
simultaneously as illustrated in Figure 4-14. Several smallest bubbles are nucleated almost at the
same time on the entire microchannel heated surface after a very short simulation time t = 16ms
as oppose to one or two nucleation sites in the larger channel cases (see Figures 4-11 - 4-13). The
heater surface temperature distribution that shows a lot of small fluctuations (±0.2 oC) due to
numerous bubble formations is plotted in Figure 4-14. The bubble distribution pattern is given in
Figure 4-21A. The reason is that the bulk liquids are rapidly superheated relatively uniformly
due to very high heat transfer rates in a very small channel. In addition, the wall temperature at
nucleation for Hch = 30 μm is lower than for Hch = 1 mm, 700 μm, 500 μm, and 300 μm. It is
mainly due to the extremely small channel height that results in lower degree of superheat
requirement for onset of nucleate boiling as given in Eq. (4-70).
4.4.2 Effects of Channel Height

The range of channel height in the current study goes from 30 μm to 1 mm and it covers
both micro-scale and mini-scale boiling phenomena. The effects of channel height are
summarized in Table 4, where we note that the heat flux and mass flow rate for all the five cases
are kept the same. As a result, the Reynolds number increases with decreasing channel height.
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The ONB time decreases steadily with decreasing channel height while the first nucleation axial
location increases with decreasing channel height with the only exception that the nucleation
covers almost the entire channel length as explained before.
4.4.3 Bubble Coalescence and Departure

Information for bubble growth, coalescence and departure on the superheated wall is
important for the understanding of microchannel boiling. With the same conditions of q′′ = 500
kW/m2 and m = 1.724×10-5 kg/s, three channel sizes of Hch = 700 μm, 500 μm, and 300 μm
were investigated. The results are given in Figures 4-16, 4-17 and 4-18 for Hch = 700 μm, 500
μm, and 300 μm, respectively.
Even though for three different channel sizes, the bubble growth, coalescence and
departure are relatively similar. For Hch = 700 μm case, there are two bubbles generated at to + 0
ms (see Figure 4-16A) and then they continue to grow respectively until to +31.1 ms when the
coalescence takes place (as shown in Figure 4-16B, C and D). The coalescenced bubble remains
on the heater surface and continue to grow (as illustrated in Figure 4-16E, F and H). Finally it
reaches to a size large enough for the buoyancy and flow inertia force to overcome the surface
tension force for the bubble to lift-off and depart from the heater surface (as shown in Figure 416I and J). As can be seen that a new bubble is nucleated at the same spot from where the old
bubble departed (as shown in Figure 4-16K and L). As mentioned earlier, all three size cases
involve similar mechanisms of bubble growth, merging, departure and nucleation from the
departure spot.
The bubble departure size versus the channel height at q′′ = 500 kW/m2 and m =
1.724×10-5 kg/s is provided in Figure 4-19. For Hch = 700 μm, the departure size is 105 μm. It is
shown that the bubble departure size increases with the channel height. The main reason is that

125

since the Reynolds number decreases with the channel height and the departure size decreases
with increasing Reynolds number as the flow inertia force that works for the departure is directly
proportional to the Reynolds number. As a result, bubbles depart earlier with a smaller size when
the Reynolds number is larger.
4.4.4 Two-Phase Flow Patterns

Development of the two-phase flow pattern with time is given. Figure 4-20 illustrates the
temporal flow pattern evolution for Hch = 1 mm at q′′ = 500 kW/m2 and m = 3.448×10-6 kg/s. At
t = 500 ms, the flow is basically filled with isolated small bubbles as shown in Figure 4-20A. As
time increases, more bubbles are generated that results in bubble-bubble interactions and
coalescence (as illustrated in Figure 4-20B and C). In general, the results show bubbly flow,
slug/plug flow, and the elongated slug/semi-annular flow at the simulation time t = 670 ms (see
Figure 4-20D). Stratified flow is not observed during this simulation due to the dominant surface
tension forces. The obtained flow patterns show some similarity to those of Kew and Cornwell
(1997). Their results present three flow patterns; isolated bubbles, confined bubbles and an
annular slug flow regime. Their confined bubble is equivalent to the elongated bubble or a slug
flow.
Figure 4-21 shows the two-phase flow structure for the case of Hch = 30 μm at q′′ = 500
kW/m2 and m = 3.448×10-6 kg/s. At t = 16 ms, an array of bubbles are nucleated almost
simultaneously due to the extremely small channel height that results in very high heat source
density for the coolant as shown in Figure 4-21A. At t = 21 ms, the bubbles have grown to the
size of the channel height that establishes a periodic boiling condition in the microchannel (see
Figure 4-21B). In summary, the bubbly flow was observed from t = 21 to 22.4 ms (Figure 4-21B
and C). The elongated slug flow occurred at t = 22.9 ms as depicted in Figure 4-21D. The bubbly
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flow was detected again at t = 24 ms as illustrated in Figure 4-21E. Churn flow due to the
entrapped liquids between the wall and bubble base was observed at t = 26 ms in Figure 4-21F.
The elongated slug flow occurred again at t = 31 ms as illustrated in Figure 4-21G. The
numerical results in Figure 21 show qualitatively the same trends with those found in the
experimental data provided by Wu and Cheng (2003c). They observed the periodic flow boiling:
bubbly flow, churn flow, single-phase liquid flow, elongated slug flow, and churn flow.
4.4.5 Heat Transfer and Flow Associated with Elongated Bubbles

When the bubbles grow to the size of the channel height, they would continue to elongate
in the flow direction. These elongated bubbles may reach local dryout condition. For the two
elongated bubbles seen in Figure 4-21D, the upstream bubble as shown in Figure 4-22A has
reached a local dryout condition where a spike in the wall temperature is associated with the
dryout point located at axial position 74.71 mm. The corresponding velocity of the liquid phase
as shown in Figure 4-22B displays a dip at the dryout point. On the other hand, the downstream
bubble shown in Figure 4-23A has not reached any local dryout point as the wall temperature
profile does not have any spikes. The relatively higher temperature near the tail of the bubble is
caused by the slow-down of the liquid velocity in the region as plotted in Figure 4-23B.
The velocity vector contour plot is shown in Figure 4-24B for the channel portion that
contains the two elongated bubbles from Figure 4-24A. Basically, the vapor velocity profiles
inside the two bubbles and the liquid velocity profile between the two bubbles are relatively
parabolic in nature. The velocity magnitudes are very small between the bubble and the channel
wall.
4.4.6 Heat Transfer

The average heat transfer coefficient as a function of the two-phase quality for different
channel heights at q′′ = 500 kW/m2 and m = 3.448×10-6 kg/s is provided in Figure 4-25. It is
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shown that the heat transfer coefficient in the two-phase region is much greater than in the
single-phase region. It is similar to results reported in the experimental data of Qu and Mudawar
(2004). The heat transfer coefficient sharply increases at lower qualities (~0.11). It is due to the
subcooling effects leading to enhancing the heat transfer. In the saturated boiling region with
increasing quality, the heat transfer coefficient decreases. The transition with nucleate boiling
beneath elongated slug flow, local dryout and rewetting process may affect the decrease of the
heat transfer coefficients. It is consistent with the experimental observations by several
researchers (Ravigururajan, 1998; Kandlikar and Balasubramanian, 2004; Lee and Mudawar,
2005b; Diaz and Schmidt, 2007). The heat transfer coefficient is strongly affected by the channel
heights and vapor quality with given mass flow rate and heat flux around the quality of 0.4. It is
caused by the constraints of the channel heights. The diameter of vapor bubbles approaches the
channel height due to the constraints and it leads to nucleate boiling, bubbly flow, elongated slug
flow as shown in Figure 4-21. The heat transfer mechanism of nucleate boiling at lower quality
is mainly dominant in a microchannel. On the other hand, the effects of vapor quality on the heat
transfer are nearly small at higher qualities. It is caused by the fact that with increasing quality,
elongated slug flow becomes dominant pattern. The heat transfer is mainly affected by
evaporation through the liquid film entrapped by the elongated slug bubble, as already reported
by Jacobi and Thome (2002) and Thome et al. (2004).
The effects of heat flux on the heat transfer coefficient at Hch = 300 μm and m =
3.448×10-6 kg/s are shown in Figure 4-26. It is shown that the heat transfer coefficients
significantly depend on the heat flux and decrease with increasing quality around 0.11. This
behavior is consistent with the experimental investigations by Lee and Mudawar (2005b) and
Diaz and Schmidt (2007). As the above mentioned, the sharp decrease of the heat transfer
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coefficient may be caused by the nucleate boiling beneath elongated slug bubble, local dryout
and rewetting process. It is noted that the heat transfer coefficients are a strong function of heat
flux; however, the effects of the quality are very small.
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Figure 4-1. Ebullition mechanism of nucleation and bubble growth and departure at an active
cavity site.

Departure diameter

t

tw

tg

waiting
time

growth
time

tw

tg

time

Figure 4-2. Bubble release frequency with the waiting time and the growth time.

Figure 4-3. Control volume used to discretize the governing equations.
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Figure 4-4. Two-phase cell with an immersed phase interface.
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Figure 4-5. Measurement of the contact angle near a heated wall (FLUENT, 2005).
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Figure 4-6. Liquid-vapor interface calculation using a volume fraction in each cell. A) Actual
interface shape. B) Interface shape represented by the geometric reconstruction
scheme using piecewise-linear interpolation.
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Figure 4-7. Calculation of volume flux through the computational face (Welch and Wilson,
2000).
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Figure 4-8. Physical model of a microchannel used in a computational simulation.
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Figure 4-9. Grid system and boundary conditions used to simulate two-dimensional two-phase
flow boiling model. A) Grid meshes with boundary conditions. B) Fine grid meshes
in a microchannel for Hch = 30 μm.

Figure 4-10. Computational procedure including mass transfer and phase change calculations.
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Figure 4-11. Wall temperature profiles at incipient boiling for different channel heights. A) Hch
= 1 mm. B) Hch = 700 μm.
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Figure 4-12. Effects of mass flow rate on wall temperature profile during incipient boiling at Hch
= 500 μm.
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Figure 4-13. Effects of heat flux on wall temperature profile during incipient boiling for Hch =
300 μm.
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Figure 4-14. Wall temperature fluctuations while bubbles generate everywhere in a
microchannel for Hch = 30 μm.
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Figure 4-15. Onset of nucleate boiling on a heated surface at different mass flow rates for Hch =
1mm. A) Upstream region at t = 67 ms for m = 3.448×10-6 kg/s. B) Downstream
region at t = 68 ms for m = 1.724×10-5 kg/s.
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Figure 4-16. Bubble departure procedure in a microchannel with Hch = 700 μm at q′′ = 500
kW/m2, m = 1.724×10-5 kg/s and Re = 126 for different simulation times. A) t0 + 0
ms, B) t0 + 30 ms, C) t0 + 30.5 ms, D) t0 + 31.1 ms, E) t0 + 40 ms, F) t0 + 90 ms, G) t0
+ 119 ms, H) t0 + 121 ms, I) t0 + 121.2ms, J) t0 + 121.3 ms, K) t0 + 122 ms and L) t0 +
126 ms.
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Figure 4-17. Bubble departure procedure in a microchannel with Hch = 500 μm at q′′ = 500
kW/m2, m = 1.724×10-5 kg/s and Re = 162 for different simulation times. A) t0 + 0
ms, B) t0 + 6 ms, C) t0 + 46 ms, D) t0 + 56 ms, E) t0 + 65 ms, F) t0 + 66.5 ms, G) t0 +
67 ms, H) t0 + 67.1 ms, I) t0 + 69 ms and J) t0 + 71 ms.
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Figure 4-18. Bubble departure procedure in a microchannel with Hch = 300 μm at q′′ = 500
kW/m2, m = 1.724×10-5 kg/s and Re = 223 for different simulation times. A) t0 + 0
ms, B) t0 + 51 ms, C) t0 + 51.5 ms, D) t0 + 51.6 ms, E) t0 + 51.7 ms, F) t0 + 51.8 ms,
G) t0 + 51.9 ms and H) t0 + 56 ms.
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Figure 4-19. Bubble departure diameter variations for different channel heights at same heat flux
and mass flux.
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A
B
C
D
Figure 4-20. Contour plots of vapor volume fraction at various simulation times for Hch = 1 mm
at q′′ = 500 kW/m2 and m = 3.448×10-6 kg/s. A) Isolated small bubbly flow at t = 500
ms, B) Bubble-bubble interaction at t = 580 ms, C) Bubbly flow with coalescence at t
= 600 ms and D) Bubbly and elongated slug/semi-annular flow at t = 670 ms.
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Figure 4-21. Contour plots of vapor volume fraction at various simulation times for Hch = 30 μm
at q′′ = 500 kW/m2 and m = 3.448×10-6 kg/s. A) Nucleate boiling at t = 16 ms, B)
Bubbly flow at t = 21 ms, C) Bubbly flow at t = 22.4 ms, D) Elongated slug flow at t
= 22.9 ms, E) Bubbly flow at t = 24 ms, F) Churn flow at t = 26 ms and G) Elongated
slug flow at t = 31 ms.
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Figure 4-22. Wall temperature and velocity profile underneath a bubble with local dry-out near
the downstream region for Hch = 30 μm at q′′ = 500 kW/m2 and m = 3.448×10-6 kg/s.
A) Wall temperature variations. B) Liquid velocity variations underneath a bubble.
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Figure 4-23. Wall temperature and velocity profile underneath a slug bubble near the
downstream region for Hch = 30 μm at q′′ = 500 kW/m2 and m = 3.448×10-6 kg/s. A)
Wall temperature variations. B) Liquid velocity variations underneath a bubble.
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Figure 4-24. Contour and vector plots of vapor bubbles in a microchannel with Hch = 300 μm for
q′′ = 500 kW/m2 and m = 1.724×10-5 kg/s at t = 375 ms. A) Vapor volume fraction.
B) Vector plot around bubbles.
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Figure 4-25. Heat transfer coefficient variations with quality for different channel heights at q′′
= 500 kW/m2 and m = 3.448×10-6 kg/s.
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Figure 4-26. Heat transfer coefficient variations with quality for different heat fluxes at Hch =
300 μm and m = 3.448×10-6 kg/s.
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Table 4-1. Dimensions of the microchannel used in computational simulation
Hch, mm
Hs, mm
Hp, mm
Lch, mm
Lp, mm
Wch, mm
1.0, 0.7
231.0
0.5, 0.3
3.0
15.0
60.0
15.0
0.03
Table 4-2. Thermophysical properties of working fluid and heat sinks used in computational
simulation
Water, Tin = 303.15 K, Tsat = 373.15 K
ρl, ρv, kg/m3

958.35, 0.5982

hlv, kJ/kg

2256.41

cp,l, cp,v, J/kg·K

4125.67, 3768.16

kl, kv, W/m·K

0.6791, 0.0251

μl , μv , Pa·s

2.8179 × 10 −4 , 1.227 × 10 −5

σ, N/m

0.05891, 0.05696

Copper
ρs, kg/m3

8978

cp,s, J/kg·K

381

ks, W/m·K

387.6

Table 4-3. Grid density for each case used in computational simulation
Channel height
Inlet plenum
Channel
Outlet plenum
(mm)
1.0

15 × 7,15 × 20,15 × 7

100 × 20, 5 × 20, 499 × 20

38 × 18, 38 × 20,38 × 18

0.7

15 × 7,15 × 20,15 × 7

100 × 20, 5 × 20, 499 × 20

38 × 18, 38 × 20,38 × 18

0.5

15 × 7,15 × 20,15 × 7

100 × 20, 5 × 20, 499 × 20

38 × 18, 38 × 20,38 × 18

0.3

15 × 7,15 × 15,15 × 7

100 × 15, 5 × 15, 499 × 15

38 × 18,38 × 15, 38 × 18

0.03

15 × 7,15 × 10,15 × 7

20000 ×10

40 × 20, 40 × 10, 40 × 20
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Table 4-4. Effects of channel height on nucleate boiling at q′′ = 500 kW/m2 and m = 3.448×10-6
kg/s
Channel height
Simulation time
Boiling position (mm)
Re
(mm)
(ms)
1.0

67.0

15.9, 16.5

20

0.7

58.5

16.0

26

0.5

53.8

74.8

33

0.3

51.1

74.9

45

0.03

16.0

15 - 75

92
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CHAPTER 5
TWO-PHASE FLOW INSTABILITIES IN A TRAPEZOIDAL MICROCHANNEL
Fluid flow and heat transfer in microscale channels are used in many applications,
including microchannel heat sinks, micro heat exchanger, and microfluidic devices. Especially,
two-phase microchannel heat sinks are widely studied due to their very high heat removal
performance with a large surface area to volume ratio, compact dimensions, and low flow rate
requirements. For these reasons, numerous studies of two-phase flow boiling in microchannels
have been extensively investigated in the last decades; the studies, however, were mainly limited
to experimental works (Bowers and Mudawar, 1994a; Coleman and Garimella, 1999; Zhao and
Bi, 2001; Qu and Mudawar, 2003a and 2003b; Kuo et al., 2006). Hence, there is a need to
numerically analyze two-phase flow boiling through a microchannel as considered in Chap. 3
and Chap. 4, which would help us better analyze the available experimental data and also
understand the heat transfer mechanism of two-phase flow boiling such as vaporization through
the liquid-vapor interface in liquid thin films and bubble dynamics dealing with nucleate boiling
and bubble-bubble interaction.
The flow pattern transition from bubbly flow to slug flow causes undesired flow
instabilities. Two-phase flow instabilities lead to dryout and mechanical failure due to wall
temperature fluctuations related with flow pattern transition. It can be also observed in
microchannels as in macrochannels. The flow instabilities are very complicated because several
effects such as density wave oscillation, pressure drop and temperature fluctuation occur
simultaneously during flow boiling (Boure et al., 1973; Tadrist, 2007; Kakac and Bon, 2008).
Recently, these flow instabilities in microchannels have been studied by several authors (Brutin
et al., 2003; Brutin and Tadrist, 2004; Qu and Mudawar, 2003a and 2004; Wu and Cheng, 2004;
Hetsroni et al., 2006; Muwanga et al., 2007; Wang et al, 2007; Huh et al., 2007). Their
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investigations are quite constrained in experimental works and more comprehensive study is still
needed to investigate the fundamental issues of flow instabilities to provide safe operating
conditions of two-phase flow boiling in microchannels.
In this chapter, three-dimensional numerical modeling of flow boiling in a trapezoidal
microchannel has been discussed to analyze flow instabilities. Through the current study, an
alternative predictive method to avoid an experimental error which can occur by experimental
works will be provided to determine stable and unstable flow boiling regimes.
5.1 Two-Phase Flow Instabilities
5.1.1 Static and Dynamic Flow Instabilities

Two-phase flow instabilities leading to mechanical damage and system control problems
are observed in many thermal management systems using forced or natural convection boiling in
a heated channel. Their mechanistic behavior is very complicate due to simultaneous interactions
between channel geometries and flow conditions such as subcooled liquid, mass flux, heat flux,
and inlet pressure (Qu and Mudawar, 2003a; Wu and Cheng, 2003c and 2004). Flow instabilities
are of important factors to provide thermal safety limits for such systems under certain operating
conditions.
Flow instabilities are categorized as static and dynamic instability (Bergles, 1981). Static
instabilities are related to the steady-state characteristics of boiling system. It may change the
boiling system to a different steady-state operating condition or lead to a cyclic oscillating
behavior relative to flow excursion, boiling crisis, and flow pattern transition. The periodic
oscillation is caused by a small perturbation. Thus, the steady-state system tends to be unstable
under specific flow conditions. Dynamic instabilities are caused by simultaneous interaction
between density change, mass flux, and pressure drop. Rapid vapor bubble generation in boiling
system causes oscillations in relation with dynamic instabilities: density wave, pressure drop,
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thermal, and acoustic. Two-phase flow instabilities are briefly reviewed in this section. More
detailed information for flow instabilities can be found in review papers of Boure et al. (1973),
Ishii (1976), Bergles (1981) and Kakac and Bon (2008) for macrochannels, Tadrist (2007) for
narrow channels, and Cheng and Wu (2006) for minichannels and microchannels.
5.1.1.1 Static instabilities

Ledinegg (1938) first observed flow instability in two-phase boiling systems. Ledinegg
instability, flow excursion, is characterized by a sudden change in low mass flow rates. It may
observe when the slope of pressure drop (channel characteristic curve) is negative and steeper
than external characteristic curve with increasing mass flow rate as shown in Figure 5-1. The
portions having negative gradient of the pressure drop can be unstable. More pressure drop to
sustain the flow results from a small negative disturbance to a lower flow. It leads to a shift to
point p′′ when the flow rate decreases. The part of minimum pressure drop on the channel
characteristic curve is referred to as the onset of flow instability (OFI) (Ghiaasiaan, 2008).
Further decrease in the mass flow rate may lead to an increasing pressure drop beyond the OFI
point. Steady-state operation requires that the external and channel characteristic values be the
same: p, p′, p′′ . Points p and p′ are stable because a perturbation in the flow rate at these
points cause an imbalance between the channel and external characteristic curve. It tends to bring
the system back to the original steady state. Point p′′ is unstable. When the system operates at
point p′′ , a small positive perturbation leads the system to the stable and steady condition p′ ; a
small negative perturbation in the flow rate, however, moves to the point p′′ , the stable and
steady condition. Kakac and Bon (2008) and Ghiaasiaan (2008) proposed the slope of the
external characteristic curve be steeper than that of the internal and/or the external characteristic
curve is nearly a vertical line to avoid Ledinegg instability.
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Flow pattern transition instability results from cyclic flow pattern transition and flow rate
variations due to mainly different pressure drop characteristics caused by various flow patterns
(Boure et al.1973; Kakac and Bon, 2008). Flow pattern may change from bubbly flow to
slug/annular flow when the void fraction increases if the flow rate reduces slightly from the
operating point due to a result of a small perturbation. The pressure drop in the slug/annular flow
is less than that in bubbly flow. The flow may be caused to increase and the void fraction may
reduce. As a result, the flow pattern changes again to bubbly flow. It is similar to the flow
excursion referred to Ledinegg instability. Nayak et al. (2003) studied the flow pattern transition
instability in a natural circulation heavy water reactor. They developed a mathematical model to
analyze the flow pattern transition instability and used the drift flux model to estimate the void
fraction in the two-phase region. Their results showed that the instability occurs at a higher
power than the Ledinegg instability and increases with a decrease in pressure or an increase in
inlet subcooling.
5.1.1.2 Dynamic instabilities

Dynamic instabilities occur if there is a sufficient interaction and delayed feedback
between thermal or hydrodynamic inertia and compressibility of the two-phase mixture or other
feedback effects between flow rate, pressure drop and density change as a result of the vapor
generation in a heated channel. Static instabilities may be on the threshold of these instabilities.
The dynamic instabilities can be classified as: density wave oscillations, pressure drop
oscillations, thermal oscillations, acoustic oscillations.
Density wave oscillations are among the most common instabilities in two-phase flow
boiling channels. These oscillations occur due to a result of phase lag and feedback among the
flow rate, the pressure drop, and the vapor generation rate. When boiling takes place in heated
channels, a decrease in mass flow rate leads to an increase in enthalpy of the fluid and in turn a
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decrease in the fluid density due to the increasing residence time in the heated channels. The
propagation time of the pressure drop disturbance is much faster than that of the fluid enthalpy
and density. As a result, the phase lag will be induced between the pressure drop and the inlet
flow. It can lead to the oscillations of the inlet mass flow rate. The characteristics of the
oscillations show low frequencies ( ~ 1 Hz); it is related to the residence time of the fluid in the
channel (Tardist, 2007).
The interaction between the heated channel and the compressible volume of the heated
wall can lead to pressure drop oscillations (Stenning, 1964). Boure et al. (1973) proposed
pressure wave oscillation were observed in subcooled boiling, bulk boiling, and film boiling.
They proposed that induced flow oscillations may lead to mechanical damages or system control
problems. These oscillations occur when the pressure drop decreases with increasing flow rate
and flow excursion is on the threshold of them. The frequencies of these oscillations are very low
( < 0.1 Hz).
Thermal oscillations can occur when the wall temperature highly fluctuates due to flow
pattern transition (Stenning, 1964; Kakac et al., 1990). These oscillations lead to large-amplitude
wall temperature oscillations and in turn dryout and boiling. In addition, they can deteriorate the
local heat transfer performance causing wall temperature fluctuation or critical heat flux. Kakac
et al. (2003) studied the effect of inlet subcooling on two-phase flow dynamic instabilities in a
vertical and horizontal channel having 7.5 mm I.D. They observed that the thermal oscillations
accompany the pressure drop oscillations and both are in phase; the magnitude of the pressure
drop oscillations is always larger than that of the wall temperature oscillations.
5.1.2 Microchannel Forced Convection Flow Boiling Instabilities

Two-phase flow instabilities in macrochannels were extensively studied by a number of
researchers in the past decades. Yadigaroglu (1981) pointed out that two-phase flow instabilities
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induced by unstable flow patterns, particularly slug flow, may amplify flow disturbances and
lead to a boiling crisis and mechanical damage. These instabilities may also occur in
minichannels and microchannels as the channel decreases and the imposed heat flux increases
under flow boiling. Table 5.1 summarizes experimental investigations for two-phase flow
instabilities of boiling in minichannels and microchannels.
Dynamic flow boiling instability in microchannels has been experimentally studied by
several researchers in recent years. Kandlikar (2001) observed the flow patterns of boiling in six
rectangular parallel channels with 60 mm long and 1 mm hydraulic diameter. Severe pressure
oscillations with 1 Hz frequencies were investigated when boiling in the channels takes place.
Reverse flows were also observed due to growth of slug bubbles in the microchannels. Hetsroni
et al. (2002) performed experiments on flow boiling of water in 21 silicon triangular
microchannels with a base of 250 μm. They investigated periodic pressure drop and outlet
temperature oscillations as a result of vapor generation in the parallel microchannels. They noted
that the fluctuations of the wall temperature correspond to that of the pressure drop. Their results,
also, showed that the amplitude and frequency of the pressure drop and wall temperature
oscillations increases while the heat flux and the vapor quality increase. Qu and Mudawar (2003a
and 2004) observed experimentally pressure drop oscillations with large-amplitude and parallel
channel instabilities in 21 parallel rectangular microchannels with 231 μm wide and 713 μm
high. They identified severe pressure drop oscillation and mild parallel channel instability. The
results showed the severe pressure drop caused by interaction between vapor generation and
compressible volume in the flow loop upstream is large periodic and large amplitude oscillations.
The mild parallel channel instability produced mild flow fluctuations. The instability is the result
of density wave oscillation within each channel and feedback interaction between channels. They
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noted that the severe pressure drop oscillations may trigger pre-mature critical heat flux. Brutin
et al. (2003) investigated two-phase flow instabilities in a rectangular microchannel using npentane with a hydraulic diameter of 889 µm. They observed two types of behavior: a steady
state characterized by pressure drop fluctuations with low amplitudes (from 0.5 to 5 kPa/m) and
with no characteristic frequency; an unsteady state with high amplitudes (from 20 to 100 kPa/m)
and frequencies ranging from 3.6 to 6.6 Hz. The steady and unsteady behaviors are governed by
the two control parameters: heat flux and mass velocity. The influence of the inlet condition on
two-phase flow instability in a rectangular minichannel of 0.5 4 mm2 was observed by Brutin
and Tadrist (2004). They found steady and unsteady behaviors depend on the upstream boundary
conditions: a constant velocity at the minichannel entrance and at the syringe outlet. The pressure
loss fluctuations with relatively small amplitudes and higher frequencies between 6 and 18 Hz
are observed, when a damper is not connected.
Wu and Cheng (2003c and 2004) carried out experimental investigation on flow boiling of
water in parallel trapezoidal silicon microchannels with a hydraulic diameter of 82.8 μm, 158.8
μm, and 185.6 μm, respectively. They first observed three kinds of oscillatory flow boiling
modes in microchannels: liquid/two-phase alternating flow (LTAF) at low heat flux and high
mass flux, continuous two-phase flow (CTF) at medium heat flux and low mass flux, and
liquid/two-phase/vapor alternating flow (LTVAF) at high heat flux and low mass flux. For the
LTAF case, a bubbly flow pattern was dominant and a period of oscillations was 15.6s. The
amplitudes of wall temperature and inlet pressure fluctuations were in the range of 20 – 44 °C
and 5 – 10 kPa, respectively. The oscillations of wall temperature and pressure were in phase,
while those of pressure and mass flux were out of phase. For the CTF case, the oscillation period
was 32s and the oscillation amplitudes of wall temperature and pressure were to 7- 23 °C and 8
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kPa. The oscillations of inlet pressure and mass flux were in phase. The LTVAF period was
approximately 53 s and the amplitudes of wall temperature fluctuations changed from 66 °C to
230 °C. The oscillation amplitude of pressure was 44 kPa. The oscillations of pressure and mass
flux were out of phase, while the oscillations of wall temperature and pressure were in phase.
The oscillation behavior of wall temperature and inlet pressure showed a large amplitude and
long period. They pointed out that the oscillation periods depend significantly on heat flux and
mass flux. Hetsroni et al. (2005) investigated experimentally water boiling phenomena with
periodic wetting and dryout in 21 triangular silicon microchannels a base of 250 μm. They
pointed out that occurrence of single-phase liquid and two-phase liquid-vapor flow leads to
pressure drop fluctuations. Their results showed dryout occurred after venting of elongated
bubble due to very rapid expansion. Xu et al. (2005) studied the onset of flow instability (OFI)
and dynamic unsteady flow in 26 rectangular microchannels with 300 μm × 800 μm. The
working fluids were deionized water and methanol. The onset of flow instability was observed at
the outlet temperature of 93 – 96 °C and two types of oscillations were identified: large
amplitude/long period oscillation (LALPO) superimposed with small amplitude/short period
oscillation at the lower inlet liquid temperature and small amplitude/short period oscillation
(SASPO) at the higher inlet temperature. They pointed out that thermal oscillations lead to two
types of oscillations.
More recently, Huh et al. (2007) carried out experimental investigations on water flow
boiling in a horizontal rectangular microchannel having a hydraulic diameter of 103.5 μm, a
width of 100 μm, a height of 107 μm, and a length of 40 mm. They measured three types of
oscillations: wall temperature, pressure drop, and mass flux with a very long period (100 – 200 s)
and large amplitude. These periodic fluctuations corresponded closely to the two flow pattern
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transitions: a bubbly/slug flow and an elongated slug/semi-annular flow. They noted that the
instability of the flow pattern transition cause a cyclic behavior of wall temperature, pressure
drop, and mass flux. Wang et al. (2007) observed flow boiling instabilities of water in
microchannels to identify stable flow boiling regime. The experiments were carried out with six
parallel silicon microchannels and a single microchannel with a hydraulic diameter of 186 μm
and a length of 30 mm. They found stable and unstable flow boiling regimes depending on the
mass flux. A flow boiling map in terms of heat flux with mass flux was proposed to show stable
flow boiling and unstable flow boiling regime. Their results showed long period oscillations and
short period oscillation in temperature and pressure. Chang and Pan (2007) studied
experimentally the two-phase flow instability for water boiling in 15 parallel rectangular
microchannels with a hydraulic diameter of 86.3 μm. Reversed slug or annular flows were
alternatively observed in every channel for unstable flow boiling. They proposed a stability map
of inlet subcooling number versus phase change number and considered the magnitude of
pressure drop oscillations as a trigger mechanism of the reversed flow. Muwanga et al (2007)
observed flow boiling oscillations in two different silicon microchannel heat sinks with 269 μm
283 μm using water as working fluid; one is a straight standard microchannel with 45 straight
parallel channels and the second contains cross-links between the channels. Their results showed
flow oscillations were similar in characteristic trends between the two configurations. The
amplitude of inlet and outlet temperature fluctuations were up to 15 °C (peak to peak) and 21 °C
(peak to peak), respectively. The amplitude of inlet pressure fluctuations were up to 12.5 kPa
(peak to peak). The frequency of inlet temperature oscillations were dependent on heat flux, flow
rate, and inlet subcooling. The amplitude of the inlet pressure fluctuations increased with
increased heat flux and increased flow rate.
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Configurations of inlet and outlet to reduce flow instabilities in microchannels have been
studied by Kosar et al. (2005) and Wang et al. (2008). Kosar et al. (2005) observed geometrical
effects of inlet orifices in parallel microchannels with a width of 200 μm and a depth of 264 μm
to suppress flow instabilities. Wang et al. (2008) investigated influences of inlet and outlet
configurations on flow boiling instabilities in parallel microchannels with a hydraulic diameter of
186 μm. They used three type configurations: Type-A with restriction for flow inlet and outlet,
Type-B without restriction for flow inlet and outlet, and Type-C with restriction for flow inlet
and without restriction for flow outlet. They pointed out that steady flow boiling prevails in the
parallel microchannels with Type-C connection.
The studies of flow boiling instabilities in microchannels have been extensively relied on
experimental works and only few studies were performed in a single microchannel (Huh et al.,
2007; Wang et al., 2007) in recent years. There have been no predictive tools to investigate the
flow boiling instabilities in the open literatures as well. Although some literatures have shown
experimentally the flow instability phenomena in parallel microchannels and in a single
microchannel, the understanding of flow instabilities and related heat transfer mechanisms in a
microchannel is still very limited due to complex phenomena under flow conditions.
5.1.3 Research Objectives

The purpose of the current study is to perform a direct numerical simulation using a threedimensional model which expands the two-dimensional model of Chap 4 to observe flow
instabilities occurred during two-phase flow boiling. Two-phase flow instabilities are
complicated phenomena with several coupled effects under flow conditions. These instabilities
affect harmfully the thermal systems. The stable and unstable operating conditions are
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investigated to provide a better understanding of flow instabilities when boiling in a
microchannel takes place. Thus, the objectives of current work are as follows:
•

Develop a three-dimensional numerical simulation model to investigate flow boiling
instabilities occurred in a single trapezoidal microchannel.

•

Study the relationship between instability of flow boiling with system parameters such as
pressure and system temperature with a fixed inlet temperature and hydraulic diameter.

•

Investigate pressure and wall temperature oscillations with various heat flux and mass flux
conditions.
The obtained results through numerical simulations will be qualitatively and quantitatively

compared with existing experimental data available in the literature.
5.2 Problem Descriptions

With the large ratio of length to hydraulic diameter, microchannel heat sinks are used to
remove effectively higher heat fluxes from high power density electronic systems. Figure 5-2
illustrates the geometry of a trapezoidal microchannel used to simulate flow instabilities of twophase flow boiling. The geometry and dimensions of the microchannel correspond exactly to the
experimental apparatus conducted by Wang et al. (2007). The width of top and bottom, and
depth of the trapezoidal microchannel are 427 μm, 208 μm, and 146 μm, respectively. The angle
at the base is 53 degree, the hydraulic diameter and length of the channel are 186 μm and 38 mm
with inlet and outlet unheated region, respectively. The dimensions of the microchannel used in
the computational simulation are given in Table 5-2. The thermal boundary condition at the
bottom is the constant heat flux boundary condition and assumes the adiabatic boundary
condition at the top and two side walls as shown in Figure 5-2A. Referring to Figure 5-2B, wall
heat flux, qw′′ is imposed on the microchannel heated inside area and is obtained as:
qw′′ =

′′ Wcell
qeff

N (Wbot + 2 H c )
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(5-1)

′′ is the imposed heat flux on the bottom of the microchannel, Wcell and Wbot are the
where qeff
width of the unit cell and microchannel, respectively, H c is the height of the trapezoidal
microchannel heated, N is the number of the microchannel.
Figure 5-3 shows the computational domain used in the three-dimensional numerical
simulation for flow boiling. Taking advantage of symmetry, half a channel is chosen for the
current numerical simulation as illustrated in Figure 5-3A. Water is used as the working fluid and
inlet temperature, Tin of 99.85 °C (373.0K), flows through the inlet plenum with an adiabatic
condition. The subcooled liquid approaches up to saturation temperature and vapor bubbles
generates on the heated wall. Two-phase mixture flows out of the outlet plenum with Tout and pout
as shown in Figure 5-3B. The heat fluxes in the rage of 297.8 – 495.4 kW/m2 are imposed on the
heated wall and the mass fluxes of 679.5 – 3523.2 kg/m2·s flow at the inlet region. The pressure
outside of the outlet plenum is assumed to be the atmospheric pressure. Wall temperatures, Tw1,
Tw2, Tw3, Tw4, and Tw5, are obtained on the heated wall along the flow direction as depicted in
Figure 5-3B.
5.3 Computational Model

The 3-D model geometry was created and meshed using the GAMBIT software. The grid
of half a flow channel has been generated using hexahedral mesh elements for a 3-D flow
channel geometry as shown in Figure 5-4 and the grid density used in the current simulation is
listed in Table 5-3. The boundary conditions used to obtain computational results are listed
follows:
•

Symmetric condition is applied because only half a channel is modeled to reduce
computational time for this intensive simulation studies.

•

The velocity and temperature of subcooled liquid are specified at the liquid inlet.
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•

The primary and secondary phase is set to liquid and vapor phase, respectively. The
volume fraction of vapor phase αv is equal to zero because the pure liquid flows through
the inlet.

•

At the outlet plenum the pressure as gauge pressure is set to zero: the gauge pressure is
internally used in the FLUENT software. Absolute pressure is the sum of the operating
pressure and the gauge pressure. In this model, the default value of 1 atm (101.325 kPa) is
assumed as the operating pressure and the absolute pressure at the outlet is assumed as 1
atm.

•

At all channel walls, no slip boundary condition is imposed.

•

Surface tension effects are considered and the contact angle is specified to adjust the
curvature of the surface near the wall.

•

Constant wall heat flux is imposed at the bottom and side wall of the heated channel.

•

The top of the channel and inlet and outlet plenum are assumed to be an adiabatic
condition.

•

Mass transfer through the liquid-vapor interface accounting for phase-change effects are
included during the solution procedure.
A volume of fluid model (VOF) was chose to analyze the flow instabilities of two-phase

flow boiling with the motion of large bubbles in liquid phase. The VOF technique computes a
single set of momentum equations and determines the interface shape of the two immiscible
fluids by tracking the volume fraction α of each phase in each computational cell. In this study,
vapor phase was tracked as the secondary phase and the volume fraction of the vapor phase was
obtained from the continuity equation. UDFs (User Defined Functions) are used to take account
for phase-change between the liquid and vapor phase. A segregated unsteady solver was used in
the simulation due to having a robustness to solve two-phase flow boiling with a large bubble
motion. The density ratio of liquid to vapor is very large in two-phase flow boiling. It causes the
discontinuity of pressure gradient with rapidly changing densities at the liquid-vapor interface.
For the pressure interpolation, the PRESTO (pressure staggering option) scheme was used to
deal with large pressure gradients at the cell face. For the momentum and energy equations, the
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QUICK (Quadratic Interpolation for Convective Kinetics) technique was adopted. With thirdorder accuracy, the QUICK scheme can minimize the resultant artificial diffusion errors that may
occur when using low-order upwind scheme. The PISO (pressure-implicit with splitting of
operators) scheme based on the SIMPLE algorithm was used for the pressure-velocity coupling
with an additional corrector level that satisfies both continuity and momentum equations in
contrast with the SIMPLE scheme. It has faster convergence of the solution for every time-step
and robustness.
The solution procedure is similar to that given in Chap. 4. The simultaneously
computational procedure between the momentum and energy equations for three-dimensional
case requires much more computational times than for the two-dimensional case in Chap. 4. The
simultaneous computations of the energy and momentum equations for three-dimensional case
require a large number of iterations and three and half months were required to obtain the
computational results. In addition, due to insufficient computing power, high inlet temperature
was used in this simulation. It leads to less simulation times than lower inlet temperature.
5.4 Results and Discussion

Flow instabilities in a single trapezoidal microchannel have been investigated for three
different cases as listed in Table 5-4 for various wall heat fluxes and working fluid mass fluxes.
′′ = 297.8 kW/m2 and G = 3523.2 kg/m2·s) represents low heat flux and high mass
Case I ( qeff
′′ = 307.6 kW/m2 and G = 711.8 kg/m2·s) is for medium heat flux and medium
flux; Case II ( qeff
′′ = 495.4 kW/m2 and G = 679.5 kg/m2·s) stands for high heat flux
mass flux; and Case III ( qeff
and low mass flux.
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5.4.1 Flow Boiling Patterns

Flow boiling patterns predicted in the middle of the trapezoidal microchannel for Case I
are shown in Figure 5-5. When a liquid flow with a very small degree of subcooling enters a
heated channel, nucleate boiling initiates very quickly near the downstream of the inlet as the
heated channel wall temperature exceeds the amount of superheat required for boiling incipience.
As shown in Chap. 4, the threshold of nucleate boiling strongly depends on the imposed heat flux
and mass flux at a given inlet temperature and mass flux. Thus, vapor bubbles grow as nucleate
boiling is initiated along the channel and then depart from the heated surface when the bubble
size is large enough. As more and more isolated single bubbles are entrained in the flow, the
flow pattern becomes the bubbly flow at t = 12 ms as depicted in Figure 5-5A. At t= 15 ms, the
bubbles receive more heat from the surrounding superheated liquid, then grow larger, and
coalesce with neighboring bubbles as shown in Figure 5-5B. As a result, the flow pattern evolves
from bubbly flow to slug flow. At t = 33.86 ms, the bubble slugs receive more heat and grow
more along the channel direction such that the flow pattern becomes an elongated slug flow as
shown in Figure 5-5C. The flow patterns in the microchannel display a sequential and periodic
behavior: nucleate boiling, bubbly flow, bubbly/slug flow, and elongated slug flow as shown in
Figure 5-5D.
Figure 5-6 shows flow boiling patterns predicted in the middle section of the microchannel
for Case II. Generally, the flow patterns of Case II are similar to those of Case I for some
portions of the flow. After boiling incipience, the flow pattern is also the bubbly flow (at t = 5
ms) as shown in Figure 5-6A. Bubbly flow transition to slug flow transition at t = 7 ms and then
to elongated slug flow at t = 14.92 ms are provided in Figure 5-6C and E. Periodic flow boiling
pattern, also, is observed for Case II (Figure 5-6G). The flow patterns of Case II obtained from
the numerical simulation are consistent with the experimental observations by Wang et al.
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(2008). They observed isolated bubbles, bubble coalescence, and elongated bubbles as illustrated
in Figure 5-6B, D and F. The transition from bubbly flow to slug bubble flow resulted from
expansion and coalescence triggers flow instabilities in the microchannel. The elongated slug
bubble prevents liquid mass from flowing through the flow channel. It causes the inlet pressure
and wall temperature to increase and then oscillate. The increased inlet pressure forces the
elongated slug bubble to move toward the channel exit. Small bubbles occur in the channel and
the wall temperature decreases due to a rewetting process. It shows periodic behavior as shown
in Figures 5-5D and 5-6G. The flow instabilities cause mechanical damage and operating control
problem due to local dryout and periodic wall temperature fluctuations. The flow patterns for
CASE III are very similar to those of CASE II, thus they will not be shown here.
5.4.2 Wall Temperature Fluctuations

With short-period oscillations, temporal variations of wall temperatures for Case I at lower
heat flux and higher mass flux are depicted in Figure 5-7. The temperature fluctuations are
mainly initiated by the transition from bubbly to slug flow patterns. The temporal variations of
wall temperature for Case I start at t = 15 ms when the transition begins (as shown in Figure 57A). The results show that the amplitudes of wall temperature at Tw4 is much larger than those at
Tw3. Tw3 displays a very small scale oscillations during the simulation period, while Tw4 shows
higher oscillatory behavior. The reason is that the flow structure around Tw3 contains basically
isolated bubbles (Fig. 5-6A) with a lower quality than that near Tw4 with slug flows as the large
amplitude oscillation is basically caused by wet (liquid) and dry (vapor) alternating conditions on
a constant heat flux heater surface. Another important finding is that the temporal mean
temperatures for both locations are relatively constant. Although the imposed heat flux,
subcooling at the inlet, and channel geometry are moderately different, the obtained wall
temperature fluctuations show qualitatively and quantitatively good agreement with the
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experimental results by Qu and Mudawar (2004) as shown in Figure 5-7B. Their results also
show that the wall temperature oscillations at Ttc4 have higher amplitudes than those at Ttc3. The
quantitative discrepancy between the current results and the experimental data may be due to the
large difference in inlet subcooling levels. They used highly subcooled liquid (ΔTsub = 70 °C),
while lower subcooled liquid (ΔTsub = 1.5 °C) was used in this study. Higher subcooled liquid
condenses some of the generated bubbles in the channel and before departing and the bubble
resides in the channel for a longer period, while lower subcooling leads to fast bubble departure
and coalescence. The trend of the obtained results also agrees with the experimental data by Xu
et al. (2005). They pointed out that periodic oscillations become shorter with increasing inlet
temperature. Figure 5-7C shows bubbly flow at t = 12 ms before starting oscillation (Region I in
Figure 5-7A). At t = 15 ms, bubbly to slug flow transition causes flow oscillation to start as
illustrated in Figure 5-7D (region II in Figure 5-7A). Periodic boiling consisted of bubbly and
elongated slug flows as depicted in Figure 5-7D is dominant in region III in Figure 5-7A. It leads
to wall temperature fluctuations with a cyclic rewetting process.
Temporal wall temperature fluctuations at Tw3 and Tw4 for Case II are shown in Figure 5-8.
Comparing to Case I, Case II has a similar wall heat flux level but the liquid inlet mass flux is
only one fifth of that for Case I. As a result, the flow development and transition time are much
quicker that Case I as shown in Figures. 5-5 and 5-6. In contrast with the results of Case I (as
shown in Figure 5-7A), the temporal wall temperature fluctuations at Tw3 are similar to those at
Tw4. For both cases, the mean temperatures are rising with time. The reason is that nucleate
boiling is initiated near the inlet for Case II due to much smaller liquid inlet mass flux that also
causes the bubbles to expand and coalesce near Tw3 rather than to be condensed. Wang et al.
(2007) reported the same results to Case II. For the flow patterns, the bubbly flow is dominant in
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Region I as shown in Figure 5-8B. At Region II, transition from bubbly flow to slug flow leads
to increasing wall temperature fluctuations. Periodic flow boiling with elongated slug flow
causes the higher wall temperature fluctuations in Region III as depicted in Figure 5-8D. The
peak-to-peak amplitude and oscillation period of wall temperature fluctuations are 15.44 °C and
1.6ms, respectively, as depicted in Figure 5-8A.
For Case III, the wall heat flux is 61% higher than that in Case II while the liquid mass
flux at the inlet is about the same. Similar to Case II (as shown in Figure 5-8A), the temporal
wall temperature fluctuations at Tw3 are at the same levels to those at Tw4 as shown in Fig. 5-9.
But the two are off-phase to each other. For both cases, again the mean temperatures are rising
with time. Similarly with Case II, the wall temperature fluctuations are mainly affected by the
periodic flow boiling pattern. The peak-to-peak amplitude and oscillation period of wall
temperature fluctuations are 17.79 °C and 1.0 ms, respectively, as shown in Figure 5-9. The
amplitude and oscillation period of both Cases II and III show large amplitude and very shortperiod as a result of increasing heat flux and decreasing mass flux comparing to Case I. The
current results are qualitatively consistent with the experimental investigation by Wang et al.
(2007). In the current results, the amplitude of wall temperature fluctuations increases and the
period of oscillation becomes shorter with increasing heat flux and decreasing mass flux. Wang
et al. (2007) also showed that the wall temperatures at Tw3 and Tw4 increase as heat flux increases
and mass flux decreases.
5.4.3 Pressure Fluctuations

Figure 5-10 shows temporal variations of pressure fluctuations in the inlet and outlet
regions for Case I. Pressure fluctuations are induced by the alternating flow pattern between
bubbly and elongated slug flow as shown in Figure 5-5B and C. The following provides the
physics for the fluctuating nature of the inlet and outlet pressures. The transition between the
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bubbly and slug flows at t=15 ms (Fig. 5-5) leads to increasing inlet pressure as shows in Figure
5-10A. The reason is that liquid mass flow is partially blocked by the elongated slug bubble in
the flow channel after the bubbly/slug flow transition takes place and it leads to an instantaneous
increase in the inlet pressure. In turn, the increased inlet pressure then pushes the elongated slug
bubbles through the channel that causes the inlet pressure to decrease. The outlet pressure
fluctuations are lower in magnitude but still show a periodic behavior (Figure 5-10B). The peakto-peak amplitude and oscillation period of inlet pressure fluctuations is 6.5 kPa and 1.9 ms,
respectively. It is noted that for Case I, the period of inlet pressure fluctuations at 1.9 ms is very
close to that of wall temperatures at 1.8 ms as shown in Figure 5-7A. The inlet and outlet
pressure oscillations are also in phase as depicted in Figure 5-10C. As compared with the
experimental data of Qu and Mudawar (2003a) as shown in Figure 5-10D, it is seen that
qualitatively the simulated results have the same trends as those of the experimental data, while
different subcooling levels were used. The reason for the similar trends may be that the flow
patterns resemble each other in that they all start with a bubbly flow and then made a transition
to elongated slug flow.
The temporal variations of the inlet pressure for Case II are illustrated in Figure 5-11. The
peak-to-peak amplitude and oscillation period of inlet pressure are 37.32 kPa and 1.1 ms,
respectively (Figure 5-11A). The results show that much higher pressure fluctuations than those
of Case I are predicted as shown in Figure 5-10A. The reason is again that the generation rate of
vapor bubbles for Case II is five times greater than that for Case I due to the drastic reduction in
the inlet liquid mass flux as listed in Table 5-4. The oscillation period investigated by Wang et
al. (2007) is 11.0 ms as shown in Figure 5-11B. The discrepancy between the current result and
the experimental data by Wang et al. (2007) may be due to the different inlet temperatures that
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provide different inlet subcooling levels. As above mentioned, the oscillation period is shorter
with increased inlet temperature. Thus, the oscillation period of the current study with higher
inlet temperature is much shorter than that of Wang et al. (2007) with a lower inlet temperature.
In addition, the difference between the current results and the experimental results may also be
caused by the compressible volume near upstream and the annular/mist flow observed in their
experiment.
Figure 5-12 shows inlet pressure fluctuations for Case III. It is shown that the peak-to-peak
amplitude and oscillation period of inlet pressure history are 76.70 kPa and 0.73 ms,
respectively, as shown in Figure 5-12A. The oscillation period reported by Wang et al. (2007) is
6.4 ms as illustrated in Figure 5-12B. Although the discrepancy between the numerical result and
the experimental data exists, both cases show that the amplitude and oscillation period of the
inlet pressure is strongly affected by the increased heat flux. The amplitude of inlet pressure
fluctuations is proportional to imposed heat flux and the oscillation period of those is inversely
proportional to mass flux as listed in Table 5-4.
5.4.4 Stability Map

Figure 5-13 shows the two-phase forced convective boiling stability map reported in
Chang and Pan (2007) in terms of the subcooling number, Nsub, and the phase change number,
Npch, as defined by
N sub =

Δhi Δρ
hlv ρv

(5-2)

N pch =

Q Δρ
mhlv ρv

(5-3)

where Δhi is the inlet subcooling, hlv the latent heat of vaporization, Δρ the difference between
liquid and vapor density, Q the total heat input rate to the channels and m the total mass flow

166

rate to the channels. Chang and Pan (2007) constructed the stability map for a single
microchannel based on the two-phase thermal instability theory developed by Saha et al. (1976)
with experimental data from Qu and Mudawar (2004) in addition to their own results. The
different sections on the map are divided by a solid line and a dotted line. The solid line
represents that the exit quality of the flow is equal to unity which means all the flows that fall to
the left of this line are single-phase liquid flows. The dotted line denotes the stability boundary,
so the triangular area bounded by the two lines is for stable two-phase flows while the area to the
right of the dotted line represents the unstable flows.
The three cases simulated in the current research are also placed in the map of Chang and
pan (2007). Case I is in the stable regime while Cases II and III are in the unstable regime. Since
the subcooling numbers of the current cases are very small due to the low inlet subcooling,
however the bulk of the experimental data from Chang and Pan (2007) and Qu and Mudawar
(2004) are larger due to the higher inlet subcooling. The phase change numbers of the current
numerical results are higher because the phase change number is proportional to the imposed
heat flux and inversely proportional to the mass flux.
It is important to point out that the author concludes the stability map developed by Chang
and Pan (2007) is valid for the current simulated results based on the following analysis. As
mentioned in Section 5.4.2 on wall temperature fluctuations, the mean temperatures for both Tw3
and Tw4 locations are relatively constant (Fig. 5-7A) for Case I while they are on a rising trend
for both Cases II and III (Fig. 5-8A and Fig. 5-9). Based on the wall temperature fluctuation
patterns, Case I is considered stable and Cases II and III are unstable.
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Figure 5-1. Ledinegg instability based on pressure difference and mass flow rate (Kakac and
Bon, 2008).
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Figure 5-2. Physical diagram of a trapezoidal microchannel. A) Dimensions of a trapezoidal
microchannel. B) Dimensions of a two-dimensional microchannel.
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Figure 5-2. Continued
A
Wtop/2

Symmetry
plane

z
x

y

q′′w

q′′w

Wbot/2
B
Lin
y
x

z

Tl ,in
ml ,in

L1

Lch
Tw1 L2

Tw 2 L3

Tw3 L4 Tw 4 L5

Lout
Tw5

L6

Tout
pout

q′′w

Figure 5-3. Symmetric flow channel geometry used in a computational simulation. A). Half a
microchannel. B) Flow region in a microchannel for a computational simulation.
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Figure 5-4. Grid system of a three-dimensional CFD model.

Flow direction
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Flow direction
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Figure 5-5. Flow patterns in the middle of a trapezoidal microchannel for Case I. A) Bubbly
flow at t = 12 ms, B) Transition from bubbly flow to slug flow at t = 15 ms, C)
Elongated Slug flow at t = 33.86 ms, and D) Periodic flow boiling.
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Figure 5-6. Flow patterns in the middle of a trapezoidal microchannel for Case II. A) Bubbly
flow at t = 5 ms, B) Isolated bubble (Wang et al., 2008), C) Bubbly-elongated
transition at t = 7 ms, D) Bubble coalescence (Wang et al., 2008), E) Elongated slug
flow at t = 14.92 ms, F) Elongated bubble (Wang et al., 2008) and G) Periodic flow
boiling.
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Figure 5-7. Wall temperature fluctuations with small amplitude and short-period oscillation and
flow patterns for Case I. A) Current result, B) Experimental investigation by Qu and
Mudawar (2004), C) Bubbly flow at t = 12 ms (Region I), D) Bubbly-elongated
transition at t = 15 ms (Region II), E) Elongated slug flow at t = 33.86 ms (Region
III).
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Figure 5-7. Continued
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Figure 5-8. Wall temperature fluctuations with large amplitude and short-period oscillation and
flow patterns for Case II. A) Wall temperature fluctuations, B) Isolated bubbly flow
at t = 5 ms, C) Transition from bubbly flow to slug flow at t = 7 ms, and D) Elongated
slug flow at t = 14.92 ms.
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Figure 5-9. Wall temperature fluctuations with large amplitude and short-period oscillation for
Case III.
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Figure 5-10. Inlet and outlet pressure fluctuations with small amplitude and short-period
oscillation for Case I. A) Inlet pressure oscillations, B) Outlet pressure oscillation, C)
Inlet and outlet pressure in phase and D) Parallel channel instability (Qu and
Mudawar, 2003a).
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Figure 5-11. Inlet pressure fluctuations with large amplitude and short-period oscillation for
Case II. A) Current result. B) Experimental data obtained by Wang et al. (2007).
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Figure 5-12. Inlet pressure fluctuations with large amplitude and short-period oscillation for
Case III. A) Current result. B) Experimental data obtained by Wang et al. (2007).
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Figure 5-13. Stability map in subcooling number versus phase change number based on Chang
and Pan (2007).
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Table 5-1. Summary of investigation on flow instabilities in minichannels and microchannels
Author
Kennedy et al.
(2000)

Kandlikar (2002)
Hetsroni et al.
(2002)

Geometry and flow conditions
23cm long tubular test section; 1.17 mm and 1.45 mm in
diameter with a 16-cm long heated length
Working fluid: Subcooled water
Tin = 50 oC; G = 800 – 4500 kg/m2·s
q = 0 – 40 MW/m2; pout = 3.44 – 10.34 bar
Six parallel minichannels
21 parallel triangular microchannels with a base of 250 μm
G = 148 – 290 kg/m2·s; q = 32 and 36 kW/m2
pout = 1.0 bar

Wu and Cheng
(2003)

8 and 15 parallel silicon microchannels of trapezoidal
cross-section
Working fluid: Subcooled water
Dh = 158.8 and 82.8 μm
G = 137 – 251 kg/m2·s; q = 5.78 – 13 W/cm2

Qu and Mudawar
(2003)

21 parallel rectangular microchannels with 231×713 μm
Working fluid: Subcooled water
Tin = 30 and 60 °C
G = 134.9 – 400.1 kg/m2·s
q = 100.4 and 203.0 W/cm2; pout = 1.17 bar
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Remarks
•
Investigated the onset of flow instability in uniformly heated
horizontal microchannels.
•
Generated pressure drop versus mass flow rate curves for fixed wall
heat flux and channel exit pressure.
Observed flow instability with reversal flow.
•
Observed experimentally the pressure and temperature fluctuations
for fixed wall heat flux and mass flux.
•
Found the amplitude and frequency of the pressure and temperature
fluctuations increases as the increasing heat flux and vapor quality.
•
The temporal behavior of temperature fluctuations corresponds to
that of pressure fluctuations.
•
Observed first large-amplitude/long-period boiling fluctuations can
be sustained when the fluctuations of pressure drop and mass flux
have phase differences.
•
Observed small-amplitude/short-period fluctuations in inlet
temperature and in instantaneous mass flux due to the bubble
dynamic instabilities in the two-phase flow.
•
The fluctuation periods are found to be dependent on channel size,
heat flux, and mass flux.
•
Investigated two types of two-phase flow instability, namely severe
pressure drop oscillations and mild parallel channel instability.
•
Pressure drop oscillation produces fairly periodic, large-amplitude
for oscillations, which are the result of interaction between vapor
generation in channels and compressible volume in the flow loop
upstream of the heat sink.
•
Parallel channel instability produces only mild flow fluctuations,
which are the result of density wave oscillation within each channel
and feedback interaction between channels.
•
The severe pressure drop oscillation may trigger pre-mature CHF.

Table 5-1. Continued
Author
Brutin et al. (2003)

Geometry and flow conditions
Vertical rectangular microchannels with 0.5×4×50 and
0.5×4×50 mm3
Working fluid: n-pentane
G = 240, 480, and 960 kg/m2·s
q = 200 – 500 kW/m2

Wu and Cheng
(2003)

8 and 15 parallel silicon microchannels
Dh = 158.8 and 82.8 μm
Working fluid: Subcooled water
G = 137 – 251 kg/m2·s; q = 9.6 – 155 kW/m2

Brutin and Tadrist
(2004)

A rectangular minichannel with of 0.5 × 4 mm2
Dh = 889 μm
Working fluid: n-pentane
Tin = 25 °C; Q = 15.7 – 125.6W
Re = 250 – 9000

Balasubramanian
and Kandlikar
(2005)

6 rectangular minichannels
Dh = 333 μm
Working fluid: Subcooled water
G = 120 kg/m2·s; q = 208 - 316 kW/m2

Remarks
•
Observed a steady state characterized by pressure drop fluctuations
with low amplitudes (from to 0.5 to 5 kPa/m) and no characteristic
frequency; a non-stationary state of two-phase flow.
•
For unsteady-flow boiling, inlet pressure signal presents a regular
pattern of high amplitude (8 kPa) and low frequency (~4 Hz and
high peak amplitude 3000 rms).
•
Derived a stability map drawn in non-dimensional parameters: outlet
vapor quality and Reynolds number.
•
Observed four flow patterns: bubbly flow, slug flow, churn flow,
and other peculiar flow patterns.
•
Investigated first alternative sling-phase liquid flow and two-phase
flow causing large-amplitude/long-period fluctuations in fluid
temperature and wall temperatures.
•
Found the fluctuations periods depend on channel size, heat flux,
and mass flux.
•
Investigated a two-phase pressure drop characteristic for several heat
fluxes.
•
Found a stability criterion depends on the two controlled parameters
(heat flux and mass-flow rate).
•
The amplitude fluctuations become higher as the inlet Reynolds
number becomes smaller.
•
Obtained the pressure drop at a given mass flux and for increasing
heat fluxes.
•
Showed the magnitude of the pressure drop increases with an
increase in surface temperature for a given mass flux.
•
Observed the peak-to-peak variation for pressure drop remains
almost constant for small changes in the surface temperature.
•
Slug flow was observed to be dominant for higher surface
temperatures, and in some cases the resulting back flow extended
into the inlet manifold, causing severe flow maldistribution.
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Table 5-1. Continued
Author
Xu et al. (2005)

Geometry and flow conditions
26 rectangular microchannels with 300 μm width × 800
μm depth
Dh = 436 μm
Working fluid: Subcooled water and methanol
Tin = 30, 50, and 70 oC; G = 20 – 1200 kg/m2·s
Q = 100 – 450 W

Hetsroni et al (2006)

5 parallel triangular microchannels
Dh = 100-220 μm
Working fluid: Water and ethanol
G = 32 – 200 kg/m2·s; Q = 120 – 270 kW/m2

Wu et al., (2006)

8 parallel silicon trapezoidal microchannels
Dh = 72.7 μm
Working fluid: Subcooled water
Tin = 30 oC; G = 65.1 – 2620.7 kg/m2·s
q = 0 – 257.2 kW/m2; pout = 1 bar

Chang and Pan
(2007)

15 parallel silicon rectangular microchannels
Dh = 86.3 μm
Working fluid: De-ionized water
G = 22 – 110 kg/m2·s; q = 7.68 – 87.7 kW/m2
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Remarks
•
Observed fine bubbles are found close to the exit of the
microchannels when the OFI appears.
•
Investigated the OFI moved in the direction of larger mass flux with
increasing inlet temperature and power input.
•
Found the onset of flow instability occurs at the outlet temperature
of 93 – 96 .
•
Identified two types of oscillations: large amplitude/long period
oscillation (LALPO) superimposed with small amplitude/short
period oscillation, small amplitude/short period oscillation
(SASPO), and thermal oscillation.
•
Observed temperature and pressure oscillations were caused by the
liquid-vapor interface moving upstream and downstream in the
microchannels.
•
Observed oscillation frequency is the same for the pressure drop, for
the fluid temperature at the outlet manifold, and for the mean and
maximum heater temperature fluctuations, and all these fluctuations
are in phase.
•
At a constant value of mass flux, the oscillation amplitude was
found to increase with increase in heat flux.
•
Found the onset of nucleate boiling depends on both the amount of
heat flux and mass flux.
•
Observed boiling instability flow modes: the liquid/two-phase
alternating flow and the liquid/two-phase/vapor alternating flow.
•
Proposed the occurrence of LTAF and LTVAF, as well as their
induced large-amplitude/long-period oscillations of various
measurements, are owing to the reversed flow of vapor core because
of the limited expansion space in the microchannels.
•
Demonstrated significantly different two-phase flow patterns under
stable or unstable conditions.
•
For the stable cases bubble nucleation, slug flow or annular flows
appear sequentially in the flow direction.
•
For the unstable cases, forward or reversed slug/annular flows
appear alternatively in every channel.
•
Showed the magnitude of pressure drop oscillations may be used as
an index for the appearance of reversed flow.

Table 5-1. Continued
Author
Huh et al. (2007)

Geometry and flow conditions
A rectangular microchannel
Dh = 103. 5 μm
Working fluid: Water
G = 170 – 360 kg/m2·s; q = 200 – 530 kW/m2

Muwanga et al.
(2007)

Two silicon microchannel heat configurations: 45 straight
parallel channel and cross-linked paths at three locations
with 269 μm and 283 μm
Working fluid: Water
Tin = 70 and 80 oC; G = 91.0 – 228.0 kg/m2·s
q = 4.1 – 7.9 W/cm2

Wang et al. (2007)

8 parallel silicon trapezoidal microchannels and a single
microchannel with a hydraulic diameter of 186 μm and a
length of 30 mm
Working fluid: Subcooled water
Tin = 35 oC
q = 226.9 – 497.8 kW/m2 for parallel channels
q = 84.5 – 495.4 kW/m2 for a single channel
8 parallel silicon trapezoidal microchannels
Dh = 186 μm
Working fluid: Subcooled water
Tin = 35 oC

Wang et al. (2008)

Remarks
•
Observed the heated wall temperature, pressure drop, and mass flux
all fluctuated with a long period and large amplitude at very small
mass and heat flow rate conditions.
•
These periodic fluctuations exactly matched the transition of two
alternating flow patterns inside the microchannel: a bubbly/slug flow
and elongated slug/semi-annular flow.
•
The flow pattern transition instability in the single microchannel
caused a cyclic behavior of the wall temperature, pressure, and mass
flux, and this behavior had a very long period (100-200 s) and large
amplitude.
•
Flow oscillations are found to be similar in characteristic trends
between the two configurations, showing a decreasing frequency
with increasing heat flux.
•
The oscillation amplitude are relatively large and identical in
frequency for the inlet temperature, outlet temperature, inlet
pressure, and pressure drop.
•
•

•
•
•
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Found stable and unstable flow boiling regimes existed, depending
on the mass flux.
Identified two unstable flow boiling regimes, with long-period
oscillation (more than 1 s) and short-period oscillation (less than 0.1
s) in temperature and pressure.
Investigated effects of inlet/outlet configurations on flow boiling
instabilities in parallel microchannels.
Found amplitudes of temperature and pressure oscillations in the
Type-B connection are much smaller than those in the Type-A
connection under the same heat flux and mass flux oscillations.
Observed nearly steady flow boiling exists in the parallel
microchannels with the Type-C connection under the experimental
conditions.

Table 5-2. Dimensions of the microchannel used in computational simulation
(unit: mm)
Wcell

Wtop

Wbot

Ww

Hcell

Hch

Hw

Lin

Lout

Lch

L1,6

L2,…,5

0.708

0.427

0.208

0.141

0.525

0.146

0.379

4.0

4.0

30.0

2.0

7.5

Table 5-3. Grid density used in computational simulation
Inlet plenum

Flow channel

Outlet plenum

20 × 20 × 40

20 × 20 × 500

20 × 20 × 80

Table 5-4. Summary of the amplitude and oscillation of inlet pressure under different heat fluxes
and mass fluxes
Case

q, kW/m2

G, kg/m2·s

Amplitude (Peak-to-Peak), kPa Period, ms

I

297.8

3523.2

6.5

1.9

II

307.6

711.8

37.32

1.1

III

495.4

679.5

76.70

0.73

Table 5-5. Summary of stable and unstable flow boiling regime under different heat fluxes and
mass fluxes
′′ , kW/m2
qeff

297.8

307.6

495.4

G, kg/m2·s

3523.2

711.8

679.5

′′ G , kJ/kg
qeff

0.08

0.43

0.73

Remark

Stable with small
amplitude and short
period

Unstable with large
amplitude and short
period

Unstable with large
amplitude and short
period

184

CHAPTER 6
CONCLUSIONS AND RECOMMENDATIONS
Forced convection flow boiling in a microchannel is the subject of this study. Heat transfer
phenomena through the liquid-vapor interface, nucleation and bubble dynamics, two-phase flow
patterns and flow instabilities in the microchannel have been theoretically and numerically
studied. The solutions for the heat transfer rates through the liquid-vapor interface and pressure
drop, two-phase flow structures and flow instabilities in the microchannel were obtained by a
semi-analytical model and using the FLUENT software with user supplied models. Water was
used as the working fluid and a circular and a trapezoidal microchannel were used in the
simulation. Bubbly, slug, elongated slug, and annular flow pattern were mainly predicted in most
microchannels (Kandlikar 2002a; Xu et al., 2005; Revellin et al., 2006). The elongated slug
bubble flow is the dominant flow pattern in the microchannel. In the semi-analytical model, fluid
flow and heat transfer for an elongated slug bubble were studied. Major conclusions and
recommendations for future research are provided in this chapter.
6.1 Summary and Conclusions

The results of this research can lead to the following main conclusions:
1.

From the developed semi-analytical model incorporated with surface tension effects, heat
transfer is mainly governed by evaporation at the vapor-liquid thin film interface. The
length of the evaporation region decreases with increasing heat flux and wall temperature.
The results show a qualitatively good agreement with those of Qu and Ma (2002) and Wee
et al. (2005).

2.

The pressure gradient of liquid phase increases with increasing heat flux and wall
temperature for the elongated bubble model. The numerical results show that the pressure
drop of vapor phase is ten times less than that of liquid phase affected by surface tension
and interfacial stress, however, the pressure drop of the vapor phase may not be ignored
due to the interfacial stress. The predicted pressure drops show a reasonable accuracy with
differences of 21.26 % to 39.16%, as compared with the experimental results by Qu and
Mudawar (2004). The discrepancy may be mainly due to the channel geometry, and inlet
and outlet plenum. The proposed model used a circular microchannel rather than a
rectangular channel (Qu and Mudawar, 2004) and did not consider the pressure loss at the
plenums at inlet and outlet. The trend of the predicted pressure drop is consistent with the
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experimental data reported by Qu and Mudawar (2004). The results of this study provide a
basic predictive tool to estimate pressure drop and information of heat transfer phenomena
in microchannel heat sinks.
3.

In forced convection flow boiling in a microchannel, periodic flow boiling with bubbly,
churn, and elongated slug flow are investigated from the numerical simulations. These
flow patterns were also observed in the experimental results by Wu and Cheng (2003). The
transition from bubbly to elongated slug flow was found to be the source of flow
instabilities.

4.

For flow boiling in a microchannel, the numerical results show that the wall temperature
drops sharply at the nucleation site and the wall temperature becomes mostly constant in
the downstream region when nucleate boiling occurs. The reason is that heat from the
heated surface is removed by heat diffusion near a bubble due to the large amount of latent
heat consumption required for facilitating vaporization. The wall temperature at nucleation
site for the very small channel with 30 μm in height is lower than that for the large
channels with 1 mm, 700, 500, and 300 μm in heights. It is because that the extremely
small channel leads to lowest degree of superheat requirement for the onset of nucleate
boiling (ONB).

5.

The heat transfer coefficients at lower qualities are much greater than those at higher
qualities in a microchannel. The results show that the mechanism of nucleate boiling is
dominant in a microchannel. A microlayer beneath a bubble may play important role in the
heat transfer as well. In a microchannel, the effect of channel heights on the heat transfer
coefficient is significant. The heat transfer coefficient is a strong function of heat flux and
quality in a nucleate boiling region, while the effect of the quality is nearly as small in
saturated boiling region.

6.

Wall temperature and inlet pressure oscillations caused by flow instabilities are
investigated in a microchannel with a hydraulic diameter of 186 μm. The numerical results
show large amplitude and short period oscillation for wall temperature and inlet pressure
fluctuations, while Wang et al. (2007) showed large amplitude and long period oscillations
in their experiments. The discrepancy between the current results and the experimental
results by Wang et al. (2007) may be due to compressible volume at an upstream region,
higher subcooled liquids, and annular/mist flow observed in the experiment. The current
study observed only bubbly and elongated slug flow patterns and used very low subcooled
liquid. Those periodic flow patterns and lower subcooling lead to short period oscillations.
The amplitudes of wall temperature and inlet pressure fluctuations are in the range of 12 –
17.79 °C and 6.5 – 76.70 kPa, respectively. The obtained results point out that the
amplitude and oscillation period are strongly affected by the imposed heat flux and mass
flux.

7.

Two-phase flow boiling instabilities in a microchannel were investigated. Stable and
unstable cases were identified and they all fit correctly in the flow boiling stability map
developed by Chang and Pan (2007).
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6.2 Recommendations for Future Research

Numerical simulations have been conducted to provide the fundamental understanding of
forced convection flow boiling in a microchannel and significant progress has been achieved.
However, due to the complex phenomena of two-phase flow boiling, there are several key issues
which remain unsolved and the following are recommended for future investigations:
1.

Surface tension effects and non-isothermal interface for the elongated slug bubble have
been considered in the semi-analytical model. A bulk liquid region has not been
investigated in the modeling. It is suggested to couple the semi-analytical model with the
bulk liquid region to consider convection effect over the entire channel.

2.

The effects of the channel size, heat flux, and mass flux on nucleation and bubbly
dynamics have been studied in this work. Various operating pressure effects are not
included and needs further study.

3.

The current research only considered the single channel case for stability study. Parallel
channels have been used in many experimental works, therefore it is useful to conduct
numerical simulations for those cases.

4.

It took three to four months to finish three-dimensional modeling of flow instabilities with
only limited results in this research. The numerical simulation of flow instabilities with
large subcooling needs more computing power; however, it may provide more results to
compare with experimental data.
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APPENDIX A
DERIVATION OF FILM THICKNESS AND EQUILIBRIUM NON-EVAPORATING FILM
THICKNESS
A.1 Liquid Film Thickness

The difference of liquid and vapor pressure can be obtained using the modified YoungLaplace equation
pv − pl = pc + pd

(A-1)

where pv is the vapor pressure, pl is the liquid pressure, pc is the capillary pressure, and pd is
the disjoining pressure. The capillary and disjoining pressures affect the liquid film shape and the
heat transfer phenomena in the liquid thin film region. The disjoining pressure, pd , for non-polar
liquids is
pd =

A

δ3

(A-2)

where the Hamaker constant A is determined by the solid-liquid properties and is taken to be
positive. For polar liquids such as water with the strong van der Waals force, the disjoining
pressure is defined by
pd = − ρl Rg Ti ln ( Aδ B )

(A-3)

with A = 1.49 and B = 0.0243 . The gradients of the disjoining pressure for non-polar and polar
liquids are
dpd
A dδ
= −3 4
δ dz
dz

(A-4)

dpd
dT B ρl Rg Ti d δ
= − ρl Rg ln ( Aδ B ) i −
δ
dz
dz
dz

(A-5)

The capillary pressure related with the local meniscus curvature is defined by
pc = σ K
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(A-6)

where the local curvature, K , is defined by
2
d 2δ ⎡ ⎛ d δ ⎞ ⎤
K = 2 ⎢1 + ⎜
⎟ ⎥
dz ⎣⎢ ⎝ dz ⎠ ⎦⎥

−3/ 2

2
1 ⎡ ⎛ dδ ⎞ ⎤
+
⎢1 + ⎜
⎟ ⎥
R − δ ⎣⎢ ⎝ dz ⎠ ⎦⎥

−1/ 2

(A-7)

The local curvature defined in Eq. (A-7) in the extended meniscus region can be written
d 2δ
1
K≈ 2 +
dz
R −δ

(A-8)

because the liquid film slope may be small. Combining Eqs. (A-1), (A-6), and (A-7), Eq. (A-1)
can be written
2 −3/ 2
2 −1/ 2
⎧ d 2δ ⎡
1 ⎡ ⎛ dδ ⎞ ⎤ ⎫⎪
⎪
⎛ dδ ⎞ ⎤
pv − pl = σ ⎨ 2 ⎢1 + ⎜
+
⎢1 + ⎜
⎟ ⎥
⎟ ⎥ ⎬ + pd
R − δ ⎣⎢ ⎝ dz ⎠ ⎦⎥ ⎪
⎪⎩ dz ⎣⎢ ⎝ dz ⎠ ⎦⎥
⎭

(A-9)

Differentiating Eq. (A-1) with Eq. (A-6) with respect to z, the local curvature gradient is
obtained as
dK 1 ⎛ dpv dpl
dσ dpd ⎞
= ⎜
−
−K
−
⎟
dz σ ⎝ dz dz
dz
dz ⎠

(A-10)

Differentiating Eq. (A-7), the results yields
2
dK d 3δ ⎡ ⎛ dδ ⎞ ⎤
=
⎢1 + ⎜
⎟ ⎥
dz dz 3 ⎢⎣ ⎝ dz ⎠ ⎦⎥

+ (R −δ )

−2

−3/ 2

2

2
⎛ d 2δ ⎞ ⎛ dδ ⎞ ⎡ ⎛ d δ ⎞ ⎤
− 3⎜ 2 ⎟ ⎜
⎟ ⎢1 + ⎜
⎟ ⎥
⎝ dz ⎠ ⎝ dz ⎠ ⎢⎣ ⎝ dz ⎠ ⎦⎥

2
dδ ⎡ ⎛ dδ ⎞ ⎤
⎢1 + ⎜
⎟ ⎥
dz ⎣⎢ ⎝ dz ⎠ ⎥⎦

−1/ 2

−5/ 2

2
−1 ⎛ d δ ⎞ d δ ⎡
⎛ dδ ⎞ ⎤
− (R −δ ) ⎜ 2 ⎟
⎢1 + ⎜
⎟ ⎥
⎝ dz ⎠ dz ⎣⎢ ⎝ dz ⎠ ⎥⎦
2

−3/ 2

(A-11)

In the extended meniscus region, differentiating Eq. (A-8) gives a relationship as shown:
dK d 3δ
1
dδ
≈ 3 +
2
dz dz
( R − δ ) dz
Combining Eq. (A-10) and Eq. (A-11), we obtain as follows:
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(A-12)

d 3δ
dz 3

⎡ ⎛ dδ ⎞2 ⎤
⎢1 + ⎜
⎟ ⎥
⎢⎣ ⎝ dz ⎠ ⎥⎦

−3/ 2

2

2
⎛ d 2δ ⎞ ⎛ d δ ⎞ ⎡ ⎛ dδ ⎞ ⎤
− 3⎜ 2 ⎟ ⎜
⎟ ⎢1 + ⎜
⎟ ⎥
⎝ dz ⎠ ⎝ dz ⎠ ⎢⎣ ⎝ dz ⎠ ⎥⎦

−(R −δ )

−1

2
⎛ d 2δ ⎞ dδ ⎡ ⎛ dδ ⎞ ⎤
⎢1 + ⎜
⎜ 2⎟
⎟ ⎥
⎝ dz ⎠ dz ⎢⎣ ⎝ dz ⎠ ⎥⎦

−2

⎡ ⎛ dδ ⎞2 ⎤
Equation (A-13) is multiplied by ⎢1 + ⎜
⎟ ⎥
⎢⎣ ⎝ dz ⎠ ⎥⎦

2

dδ
dz

−3/ 2

⎞
⎟=0
⎠

3/ 2

and arranging these results,
−1

2

2
⎛ d 2δ ⎞ ⎛ dδ ⎞ ⎡ ⎛ d δ ⎞ ⎤
d 3δ
− 3⎜ 2 ⎟ ⎜
⎟ ⎢1 + ⎜
⎟ ⎥
dz 3
⎝ dz ⎠ ⎝ dz ⎠ ⎢⎣ ⎝ dz ⎠ ⎦⎥
2
2
−2 d δ ⎡
−1 ⎛ d δ ⎞ d δ
⎛ dδ ⎞ ⎤
δ
R
+ (R −δ )
−
−
(
)
⎢1 + ⎜
⎥
⎜ 2⎟
⎟
dz ⎢⎣ ⎝ dz ⎠ ⎥⎦
⎝ dz ⎠ dz

1 ⎛ dp dp dp
− ⎜ v− l− d
σ ⎝ dz dz dz
K dσ
+
σ dz

⎡ ⎛ dδ ⎞2 ⎤
⎢1 + ⎜
⎟ ⎥
⎢⎣ ⎝ dz ⎠ ⎥⎦

(A-13)

−1/ 2

⎡ ⎛ dδ ⎞ ⎤
⎢1 + ⎜
⎟ ⎥
⎢⎣ ⎝ dz ⎠ ⎥⎦
1 ⎛ dp dp
dσ dpd
− ⎜ v − l −K
−
σ ⎝ dz dz
dz
dz

+ (R −δ )

−5/ 2

2
⎞ ⎡ ⎛ dδ ⎞ ⎤
⎟ ⎢1 + ⎜ dz ⎟ ⎥
⎠ ⎥⎦
⎠ ⎢⎣ ⎝

3/ 2

(A-14)

3/ 2

=0

and substituting Eq. (A-7) into Eq. (A-14), the third-order non-linear differential equation is
obtained as follows:
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−1

2

2
⎛ d 2δ ⎞ ⎛ dδ ⎞ ⎡ ⎛ d δ ⎞ ⎤
d 3δ
− 3⎜ 2 ⎟ ⎜
⎟ ⎢1 + ⎜
⎟ ⎥
dz 3
⎝ dz ⎠ ⎝ dz ⎠ ⎢⎣ ⎝ dz ⎠ ⎥⎦
2
2
−2 d δ ⎡
−1 ⎛ d δ
⎛ dδ ⎞ ⎤
δ
δ
R
R
1
+( − )
⎢ +⎜
⎟ ⎥ −( − ) ⎜ 2
dz ⎣⎢ ⎝ dz ⎠ ⎦⎥
⎝ dz

⎞ dδ
⎟
⎠ dz

3/2

2
1 ⎛ dpv dpl dpd ⎞ ⎡ ⎛ d δ ⎞ ⎤
− ⎜
−
−
⎢1 +
⎥
σ ⎝ dz dz dz ⎟⎠ ⎣⎢ ⎜⎝ dz ⎟⎠ ⎥⎦
2
1 ⎧⎪ d 2δ
1 ⎡ ⎛ dδ ⎞ ⎤ ⎫⎪ dσ dTi
=0
1
+ ⎨ 2 +
+
⎢ ⎜
⎟ ⎥⎬
σ ⎩⎪ dz
R − δ ⎢⎣ ⎝ dz ⎠ ⎥⎦ ⎭⎪ dT dz

(A-15)

In the extended meniscus, the third-order non-linear differential equation is
1
d 3δ
dδ 1 ⎛ dpv dpl dpd ⎞ 1
=−
+ ⎜
−
−
⎟−
2
3
dz
( R − δ ) dz σ ⎝ dz dz dz ⎠ σ

⎡ d 2δ
1 ⎤ dσ
⎢ dz 2 + R − δ ⎥ dz
⎣
⎦

(A-16)

We let
dδ
≡Δ
dz

(A-17)

dΔ
≡η
dz

(A-18)

Combining Eq. (A-15) - Eq. (A-18), the first-order differential equation can be obtained as
follows:
dη
2
2 −1
= 3 (η ) ( Δ ) ⎡1 + ( Δ ) ⎤
⎣
⎦
dz
+ (R −δ )

−1

(η ) Δ − ( R − δ )

−2

2
Δ ⎡1 + ( Δ ) ⎤
⎣
⎦

1 ⎛ dpv dpl dpd ⎞ ⎡
2 3/2
⎤
−
−
+
Δ
1
(
)
⎦
σ ⎜⎝ dz dz dz ⎟⎠ ⎣
1⎧
1 ⎡
2 ⎫ d σ dTi
− ⎨η +
1+ (Δ) ⎤⎬
⎣
⎦ ⎭ dT dz
σ⎩
R −δ
+

dη
1
1 ⎛ dp dp dp ⎞ 1
=−
Δ+ ⎜ v − l − d ⎟−
2
σ ⎝ dz dz dz ⎠ σ
dz
(R −δ )
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1 ⎤ dσ
⎡
⎢⎣η + R − δ ⎥⎦ dz

(A-19)

(A-20)

A.2 Equilibrium Non-Evaporating Liquid Film

With use of a kinetic theory to relate the net mass flux crossing a liquid-vapor interface to
interfacial temperature differential and an extended Clapeyron equation to equate the variation in
the equilibrium vapor pressure with temperature and disjoining pressure, the evaporation mass
flux escaping from the liquid-vapor interface is given as a function of temperature and pressure
jump at the interface
′′ = a (Ti − Tv ) + b ( pl − pv )
mevap

(A-21)

with
1/2

⎛ 2α
a=⎜
⎝ 2 −α

⎞ ⎛ M ⎞ ⎛ pv Mhlv ⎞
⎟ ⎜
⎟
⎟⎜
⎠ ⎝ 2π RuTi ⎠ ⎝ RuTvTi ⎠

⎛ 2α
b=⎜
⎝ 2 −α

1/2

⎞ ⎛ M ⎞ ⎛ Vl pv ⎞
⎟ ⎜
⎟
⎟⎜
⎠ ⎝ 2π RuTi ⎠ ⎝ RuTi ⎠

(A-22)

where α is the accommodation coefficient, M is the liquid molecular weight, Ru is the
universal gas constant, Ti is the interfacial temperature, pv is the saturated pressure at Tv , hlv is
the latent of vaporization per unit mass at Ti , and Vl is the liquid molar volume at Ti .
In the equilibrium non-evaporating liquid film, the liquid-vapor interfacial temperature
approaches and becomes equal to the wall temperature. The equilibrium non-evaporating liquid
′′ = 0 , Ti ≈ Tw , δ ′ = 0 ,
film region thickness can be obtained by using assumptions, such as mevap
and δ ′′ ≈ 0 . For polar liquids, Equation (A-1) can be written as
B
pl − pv = −σ K + ρl RgTw ln ⎡ A (δ ) ⎤
⎣
⎦

where the local curvature K with δ ′ = 0 , and δ ′′ ≈ 0 is K =
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1
.
R − δ0

(A-23)

With the above mentioned assumptions and Eq. (A-23), the equilibrium non-evaporating
liquid film thickness
B
0 = a (Tw − Tv ) − bσ K + b ρl RgTw ln ⎡ A (δ ) ⎤
⎣
⎦

can be obtained by
1/ B

δ0 = A

−1/ B

⎧⎪
⎡ bσ K − a (Tw − Tv ) ⎤ ⎫⎪
⎥⎬
⎨exp ⎢
bρl Rg Tw
⎢⎣
⎥⎦ ⎭⎪
⎩⎪

(A-24)

For non-polar liquids, substituting Eq. (A-2) and Eq. (A-6) into Eq. (A-1), the resulting
equation yields
pl − pv = −σ K −

A

(A-25)

δ3

′′ = 0 , Tδ = Tw , δ ′ = 0 , and δ ′′ ≈ 0 , the
Combining Eq. (A-21) and (A-25) with mevap
equilibrium non-evaporating liquid film thickness for non-polar liquids
0 = a (Tw − Tv ) − bσ K − bAδ −3

is
⎡
⎤
bA
δ0 = ⎢
⎥
⎢⎣ a (Tw − Tv ) − bσ K ⎥⎦
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APPENDIX B
DERIVATION OF LIQUID AND INTERFACIAL TEMPERATURE
B.1 Liquid Temperature Profile

Liquid temperature profile can be derived by using the following assumptions:
•

Steady state

•

The energy transfer caused by the convection term is smaller than that resulted from the
conduction in the liquid film because the thickness of the liquid film is very small. Thus,
the heat transfer in the liquid film results from the conduction only.

•

Thermal diffusion in the axial direction is negligible

•

No heat generation

•

Incompressible flow

•

Viscous dissipation is negligible
For constant wall temperature, we get the energy equation as follows:
kl ∂ ⎛ ∂T ⎞
=0
r
r ∂r ⎜⎝ ∂r ⎟⎠

(B-1)

with boundary conditions are
T ( r = R ) = Tw
T ( r = R − δ ) = Ti

(B-2)

Integrating Eq. (B-1) twice gives
T ( r ) = C1 ln r + C2

(B-3)

Using the boundary conditions, Eq. (B-2), we obtain
C1 =

Tw − Ti
ln ⎡⎣ R ( R − δ ) ⎤⎦

Tw − Ti
ln ( R − δ )
C2 = Ti −
ln ⎡⎣ R ( R − δ ) ⎤⎦

Substituting Eq. (B-4) into Eq. (B-3), the temperature profile in the liquid film is
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(B-4)

T ( r ) = Ti +

Tw − Ti
r
ln
ln ⎡⎣ R ( R − δ ) ⎤⎦ ( R − δ )

(B-5)

The liquid bulk temperature, Tl , is given by
Tl ( z ) =

2∫

R

R −δ

rTl (r )dr

⎡ R 2 − ( R − δ )2 ⎤
⎣
⎦

(B-6)

Substituting Eq. (B-5) in Eq. (B-6), the resulting equations are
Tl ( z ) =

⎡
⎤
Tw − Ti ( z )
r
⎢
⎥ dr
ln
r
T
z
+
(
)
i
⎡ R 2 − ( R − δ )2 ⎤ ∫R −δ ⎢
⎡⎣ R ( R − δ ( z ) ) ⎦⎤ ( R − δ ( z ) ) ⎥
ln
⎣
⎦
⎣
⎦
2

R

The integrand in the above equation yields
1
2
Ti ( z ) ⎡ R 2 − ( R − δ ) ⎤
⎣
⎦
2
+

Tw − Ti ( z )

⎡1 2 ⎛
1⎞ 1
R
2⎤
− ⎟⎟ + ( R − δ ) ⎥
⎢ R ⎜⎜ ln
ln ⎡⎣ R ( R − δ ) ⎤⎦ ⎣⎢ 2 ⎝ ( R − δ ) 2 ⎠ 4
⎦⎥

Combining the results and Eq. (B-6), the bulk liquid temperature is
Tw − Ti ( z )
2
Tl ( z ) = Ti ( z ) +
⎡ R 2 − ( R − δ )2 ⎤ ln ⎡⎣ R ( R − δ ) ⎤⎦
⎣
⎦
⎡1 ⎛
R
1⎞ 1
2⎤
× ⎢ R 2 ⎜⎜ ln
− ⎟⎟ + ( R − δ ) ⎥
⎢⎣ 2 ⎝ ( R − δ ) 2 ⎠ 4
⎥⎦

(B-7)

The derivative of Tl ( z ) with respect to axial direction is
dTl dTi ⎛ dTw dTi ⎞
2
1
=
+⎜
−
⎟ 2
2
dz
dz ⎝ dz
dz ⎠ ⎡ R − ( R − δ ) ⎤ ln ⎣⎡ R ( R − δ ) ⎦⎤
⎣
⎦
⎡1 ⎛
1⎞ 1
R
2⎤
× ⎢ R 2 ⎜⎜ ln
− ⎟⎟ + ( R − δ ) ⎥
⎢⎣ 2 ⎝ ( R − δ ) 2 ⎠ 4
⎥⎦

(B-8)

Note that the liquid film thickness change in the axial direction is assumed to be negligibly
small. For constant heat flux, boundary conditions are as follows
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kl

∂T
∂r

= qw′′
r =R

(B-9)

T ( r = R − δ ) = Ti

where qw′′ takes a negative value. Combining Eq. (B-9) and Eq. (B-3), we get
C1 =

qw′′
R
kl

q′′
C2 = Ti − w R ln ( R − δ )
kl

(B-10)

The liquid temperature profile is
T ( r ) = Ti +

qw′′
⎛ r ⎞
R ln ⎜
⎟
kl
⎝ R −δ ⎠

(B-11)

Combining Eq. (B-11) and Eq. (B-6), the results are
⎧
q′′
⎛ r ⎞ ⎫
r ⎨Ti + w R ln ⎜
⎟ ⎬ dr
R −δ
kl
⎝ R −δ ⎠ ⎭
⎩
Tl =
⎡ R 2 − ( R − δ )2 ⎤
⎣
⎦
R
R
qw′′
2
⎧
⎫
=
+
⎡⎣ r ln r − r ln ( R − δ ) ⎤⎦dr ⎬
rT
dr
R
⎨
i
∫
∫
2
−
δ
−
δ
2
R
R
k
⎡R − ( R − δ ) ⎤ ⎩
⎭
⎣
⎦
2
2
⎧ Ti 2
=
R −(R −δ )
2 ⎨
2
⎡R − ( R − δ ) ⎤ ⎩ 2
⎣
⎦
2∫

R

(

)

2
2
2
⎤ ⎫⎪
R − δ ) R2
R −δ )
qw′′ ⎡ R 2
(
(
R2 ( R − δ )
+ R ⎢ ln R −
−
−
ln ( R − δ ) +
ln ( R − δ ) +
ln ( R − δ ) ⎥ ⎬
kl ⎣⎢ 2
4
2
4
2
2
⎦⎥ ⎪⎭

Arranging the results, the liquid bulk temperature is
2
⎧⎪⎛
2qw′′
R
R
1 ⎞ R 2 ( R − δ ) ⎫⎪
−
+
Tl ( z ) = Ti ( z ) +
⎨ ln
⎬
kl ⎡ R 2 − ( R − δ )2 ⎤ ⎪⎜⎝ R − δ 2 ⎟⎠ 2
4
⎪⎭
⎩
⎣
⎦

(B-12)

The film thickness change in the axial direction is assumed to be negligibly small, the
gradient of the liquid bulk temperature along the axial direction is
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dTl dTi
=
dz
dz

(B-13)

The wall temperature can be obtained from Eq. (B-11)
Tw ( z ) = Ti ( z ) +

qw′′
⎛ R ⎞
R ln ⎜
⎟
kl
⎝ R −δ ⎠

(B-14)

B.2 Interfacial Temperature

The interfacial heat flux qδ′′ is defined by
′′
qi′′ = hlv mevap

(B-15)

The interfacial heat flux is approximately equal to the wall heat flux qw′′ . Thus, the interfacial
heat flux, qi′′2π ( R − δ ) = −qw′′ 2π R , yields
qi′′ = kl

Tw − Ti
( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦

(B-16)

Combing Eq. (B-15) with Eq. (B-16), the evaporative mass flux is
′′ =
mevap

kl
Tw − Ti
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦

(B-17)

The interfacial temperature variation along the liquid-vapor interface is
′′
Ti = Tw − mevap

hlv
( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
kl

(B-18)

Differentiating Eq. (B-18), the gradient of the interfacial temperature is
dTi dTw
h ⎡
R ⎤ dδ
′′ lv ⎢1 − ln
=
− mevap
⎥
dz
dz
kl ⎢⎣
( R − δ ) ⎥⎦ dz

(B-19)

For polar liquid, using the definition of evaporative mass flux, Equation (B-17) can be
written
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kl
Tw − Ti
= a (Ti − Tv ) + b −σ K + ρl Rg Ti ln ⎡⎣ Aδ B ⎤⎦
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦

{

}

and arranging the results
klTw
klTi
1
1
−
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦ hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
= aTδ − aTv − bσ K + bρl Rg Ti ln ⎡⎣ Aδ B ⎤⎦
klTw
1
+ aTv + bσ K
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
⎧⎪
⎫⎪
kl
1
= ⎨a +
+ b ρl Rg ln ⎡⎣ Aδ B ⎤⎦ ⎬ Ti
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
⎪⎩
⎪⎭

We obtain the following equation as:

klTw
1
+ aTv + bσ K
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
Ti =
kl
1
a+
+ bρl Rg ln ⎡⎣ Aδ B ⎤⎦
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦

(B-20)

The interfacial temperature can be expressed by
Ti =

klTw G + aTv + bσ K
a + kl G + bρl Rg ln ⎡⎣ Aδ B ⎤⎦

(B-21)

with G = h fg ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦ . For non-polar liquids, the interfacial temperature

kl Tw
klTi
1
1
−
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦ hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
= aTi − aTv − bσ K − b

A

δ3

klTw
1
A
+ aTv + bσ K + b 3
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
δ
⎡
⎤
kl
1
= ⎢a +
⎥ Ti
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦ ⎥⎦
⎢⎣
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is obtained by

Ti =

klTw
A
1
+ aTv + bσ K + b 3
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦
δ

(B-22)

⎡
⎤
kl
1
⎢a +
⎥
hlv ( R − δ ) ln ⎡⎣ R / ( R − δ ) ⎤⎦ ⎦⎥
⎣⎢

Equation (B-22) can be written as
klTw
A
+ aTv + bσ K + b 3
δ
Ti = G
kl ⎤
⎡
⎢⎣ a + G ⎥⎦

(B-23)

For constant heat flux, the interfacial heat flux is
qi′′ =

R
qw′′
R −δ

(B-24)

For polar liquids, the interfacial temperature

{

}

a (Ti − Tv ) + b −σ K + ρl Rg Ti ln ⎡⎣ Aδ B ⎤⎦ =

qw′′ R
hlv ( R − δ )

yields

qw′′
Ti =

R
+ aTv + bσ K
( R − δ ) hlv
a + b ρl Rg ln ⎡⎣ Aδ B ⎤⎦

(B-25)

For non-polar liquids, the interfacial temperature
⎧
qw′′ R
A⎫
a (Ti − Tv ) + b ⎨−σ K − 3 ⎬ =
δ ⎭ hlv ( R − δ )
⎩
yields

qw′′ R
A
+ bσ K + b 3 + aTv
δ
h (R −δ )
Ti = lv
a
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(B-26)

APPENDIX C
NUSSELT NUMBER AND HEAT TRANSFER COEFFICIENT CORRELATION
C.1 Nusselt Number

Fully developed Nusselt number for a three-side heated rectangular channel (Kandlikar, 2005)
Nu =

A0 + A2α c + A4α c2
1 + A1α c + A3α c2 + A4α c3

(C-1)

where α c = a b is the channel aspect ratio and a is the unheated side in a three-side heated
rectangular channel and A0 = 8.2321 , A1 = 2.0263 , A2 = 1.2771 , A3 = 0.29805 , A4 = 2.2389 ,
and A6 = 6.5322 ×10−3 .
C.2 Heat Transfer Coefficient Correlation

For flow boiling in microchannels with Relo > 100 , modified heat transfer coefficients
based on Kandlikar correlations (1990) is defined by (Kandlikar and Balasubramanian, 2004)
hc , NBD = 0.06683Co −0.2 (1 − x ) hc ,lo + 1058.0 Bo0.7 (1 − x )
0.8

hc ,CBD = 1.136Co −0.9 (1 − x ) hc ,lo + 667.2 Bo 0.7 (1 − x )
0.8

0.8

0.8

FFl hc ,lo

FFl hc ,lo

(C-2)
(C-3)

where the fluid surface parameter FFl is 1.0 for water, the convection number Co and boiling
number Bo are defined by
0.8

⎛ 1 − x ⎞ ⎛ ρv ⎞
Co = ⎜
⎟ ⎜ ⎟
⎝ x ⎠ ⎝ ρl ⎠
Bo =

0.5

qw′′
Ghlv

(C-4)

(C-5)

The heat transfer coefficient of single phase flow is given by
hc ,lo = Nu

k
Dh
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(C-6)
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